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Abstract

Abstract

Spray fluidized bed layering granulation (SFBLG) and spray fluidized bed agglomeration
(SFBA) processes are used to produce particulate solids. Especially powders and granules in
the chemical, food, and pharmaceutical industry are produced by spray fluidized bed
processes (SFBP). These particulate products usually show, among other properties, good
flowability, low dustiness, low residual moisture contents, and long shelf lives. Some
particular products are: fertilizers, instant food powders (soups, cocoa, coffee, etc.), food and
feed additives (proteins, granulated greens, fats or blood), granules for tablet pressing, and
protective coatings for pills and tablets.

Simulation studies regarding continuous SFBLG have predicted the occurrence of oscillations
in the particle size distribution (PSD). Oscillations in the PSD can be harmful to the operation
of a process and the resulting product quality. Oscillations in the bed mass and product mass
flow rate may occur, as well as product may be produced outside of the particle size
requirements of the customer. Besides the described simulations, a systematic experimental
study of the phenomenon of PSD oscillations during continuous SFBLG has only been
published in the frame of this dissertation. The dissertation presents a systematical,
experimental investigation of particle formation and process behavior during continuous
SFBLG with internal seed particle formation for crystalline material, and during continuous
SFBA for partly amorphous material.

Continuous SFBLG processes exhibited self-sustained oscillations in the PSD for moderate
drying conditions and internal classifying product discharge. For external classifying product
discharge, oscillations in the PSD were observed for humid process conditions. Vice versa,
steady state continuous SFBLG processes with internal separation were realized for humid
process conditions. Steady state processes for external separation were reached for intense
drying. The different process behavior was attributed to different amounts of seed particles
produced in the fluidized bed. For the experiments reaching the steady state, larger average
granule growth rates were determined for an external classifying product discharge, compared
to the experiments with internal classifying product discharge. Additionally, humid process
conditions resulted in porous and rough granules, whereas intense drying produced relatively
dense and smooth granules. Thus, in addition to process dynamics, the investigated drying
and process conditions also determined the product quality.

The continuous SFBA experiments with partly amorphous material always reached a steady
state. No oscillations in the PSD were observed. Even after a sudden, unwanted reduction of
the average agglomerate size during process breaks, the system always returned to the steady
state after restart. For internal separation and relatively high nuclei mass flow rates, also high
average agglomerate growth rates were observed. The experiments with external separation
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Abstract

had to be conducted with considerably smaller nuclei feed mass flow rates. Thus, also the
product mass flow rates were lower than in the internal classifying case, resulting in reduced
average agglomerate growth rates. Additionally, comminution of oversize and feedback of
fine material increased the average residence time for the product particles, which also
reduced the average growth rate. Changes in agglomerate structure were not observed for
varied nuclei mass flow rate, classifying air velocity and mill power level.
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Kurzzusammenfassung

Wirbelschicht-Spriihgranulation (WSSG) und Wirbelschicht-Sprihagglomeration (WSSA)
sind Prozesse zur Herstellung von partikularen Feststoffen. Besonders Pulver und Granulate
der chemischen, pharmazeutischen und Lebensmittelindustrie werden durch Wirbelschicht-
Sprihprozesse hergestellt. Diese partikuldaren Produkte weisen typische Eigenschaften auf,
z.B. gute FlieRfahigkeit, geringe Staubentwicklung, geringe Restfeuchte und gute Haltbarkeit.
Als Beispielprodukte seien genannt: Dulngemittel, Instantpulver der Lebensmittelindustrie
(Suppen, Kakao, Kaffee, etc.), Zusatze fir Lebensmittel und Tierfutter (Proteine, granulierte
Futtermittel, Fette oder Blut), Granulate fiir das Tablettenpressen, sowie Pillen und Tabletten
mit Schutzschichten.

Simulationsstudien kontinuierlicher WSSG Prozesse haben das Auftreten von Oszillationen
der PartikelgroRenverteilung (PGV) vorhergesagt. Oszillationen der PGV konnen sich
nachteilig auf den Betrieb eines Prozesses und die Produktqualitidt auswirken. Es kdnnen
Oszillationen der Bettmasse und des Produktmassestroms auftreten, und Produkt auferhalb
der PartikelgroRenspezifikation des Kunden kann auftreten. Neben den erwahnten
Simulationen wurde eine systematische experimentelle Untersuchung von Oszillationen der
PGV wadhrend der kontinuierlichen WSSG bisher nur im Rahmen dieser Dissertation
durchgefiihrt und veroffentlicht. Die vorliegende Dissertation présentiert eine systematische,
experimentelle Untersuchung von Partikelbildungsprozessen fur kontinuierliche WSSG mit
interner Keimbildung fur kristallines Material, sowie fiir kontinuierliche WSSA mit
teilamorphem Material.

Kontinuierliche WSSG Prozesse zeigten selbsterhaltende Oszillationen der PGV fiir moderate
Trocknungsbedingungen und intern Kklassierenden Produktaustrag. Fur den extern
klassierenden Produktaustrag wurden Oszillationen der PGV fur feuchte Prozessbedingungen
beobachtet. Umgekehrt wurde der stationare Zustand fir kontinuierliche WSSG mit interner
Klassierung fir feuchte Prozessbedingungen, und fur externe Klassierung bei starker
Trocknung erreicht. Das unterschiedliche Prozessverhalten wurde auf unterschiedliche interne
Keimbildung bei unterschiedlichen Trocknungsbedingungen zuriickgefihrt. Bei den
Experimenten, die den stationdren Zustand erreichten, wurden hohere mittlere
Wachstumsraten fir externe Klassierung als fir interne Klassierung bestimmt. Zusétzlich
resultierten feuchte Prozessbedingungen in pordsen und rauen Granulaten, wohingegen
trockene Versuchsbedingungen das Entstehen von dichten und glatten Partikeln beglnstigten.
Folglich beeinflussten die untersuchten Trocknungs- und Prozessbedingungen nicht nur die
Prozessdynamik, sondern bestimmten auch die Produktqualitét.

Die Versuche zur kontinuierlichen WSSA mit teilamorphem Material erreichten den
stationdren Zustand fur alle Parameterkonfigurationen. Es wurden keine Oszillationen der
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PGV beobachtet. Selbst nach plétzlicher, unerwinschter Verringerung der mittleren
PartikelgrofRe im Wirbelbett durch Prozessunterbrechungen, wurde der stationdre Zustand
nach Wiederaufnahme des Experiments erneut erreicht. Fur die Versuche mit interner
Klassierung wurden relativ hohe Keimzugabemassestrome gewahlt, und somit folglich hohe
mittlere Wachstumsgeschwindigkeiten der Agglomerate erreicht. Die Versuche mit externer
Klassierung mussten mit reduzierten Keimzugabemassestromen durchgefiihrt werden.
Folglich waren auch die Produktmassestrome, und somit die mittleren Wachstumsraten der
Agglomerate, niedriger als bei den Versuchen mit interner Klassierung. Zusétzlich erhdhten
die Zerkleinerung von Uberkorn sowie die Ruckfilhrung des Unterkorns die mittlere
Verweilzeit der Partikel in der Wirbelschicht fiir externe Klassierung, was ebenfalls die
mittlere Wachstumsrate reduzierte. Anderungen der Agglomeratstruktur wurden fiir variierten
Keimmassestrom, variierte Klassiergeschwindigkeit und Mihlenleistung nicht beobachtet.

VIl
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1 Introduction

1.1 Motivation and scope

More than 75% of all processed materials include a particulate form during their production
cycle (Merkus, 2009). Thus, specialized particles have to be produced for many applications
and consumer demands. Particulate products of the daily life are, for example, instant soup
powders, instant coffee, milk powder, cocoa, cornflakes, or detergents. In the solid dosage
form, these products are easier to transport, easier to handle and more durable, compared to
the liquid or paste-like states in preceding process steps. Besides the food industry, special
particles are also produced for the chemical and pharmaceutical industries. Typical particulate
products there are fertilizers, pharmaceutical pills and tablets, and catalytic or filter granules.
Further applications of special particles can be decorative granules, pellets made from greens
as animal feed, or fuel pellets made from combustible organic matter like wood.

For this wide range of particulate products a lot of particle properties are the key factors to be
considered during production. The most important factor usually is the particle size. First of
all, the smaller a particle gets, the larger are the inter-particulate forces in relation to the
weight of the particles. Thus, the flowability for small particles is usually worse than for large
particles, due to the sticking of the particles, complicating material handling. For fertilizer,
which is applied to a field, larger particle sizes may be helpful, as the fertilizer particles take a
longer time to dissolve, providing nutrition to the plants over a certain time interval. Thus,
fertilizer has to be applied less often, saving work time. Small particles with a size below
100 pm are named dust. Dust may become airborne and can have multiple unwanted effects.
If the material is toxic, inhalation of its dust may be harmful. If the material is combustible,
certain concentrations of dust in the air pose the risk of dust explosions. Additionally, material
taken away by air represents a material loss, directly diminishing profit. Thus, adjusting the
correct particle size is a key aspect of producing particulate products.

Next to particle size, the particle moisture content is the second most important parameter.
Especially perishable products like herbs or milk are usually dried to increase their shelf life.
A good example is milk powder, which is more durable than milk itself. It can be re-hydrated
to a milk-like liquid, containing most of the original nutrients. From an economic point of
view, the moisture content should also not be too low. Within the legal constraints especially
of the food industry, the maximum moisture content which is not harming the shelf life is
usually wanted. Thus, a maximum mass of product is produced from a given input of educts,
increasing the profit margin. Consequently, during the production of particulate solids, the
moisture content has to exactly meet the customer demands.
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An additional particle property is the particle porosity. Especially for instant powders like
soup or coffee powder, the particle porosity determines the dissolution rate during re-
hydration. Open and porous particles may dissolve faster, as the solvent (in most cases water)
can migrate easily into the particle structure. In terms of coating of core materials like drugs,
porous or dense coating shells lead to fast or slow release rates, respectively. Thus, depending
on the application of the respective drug, the release rate can be controlled by the thickness
and the porosity of the coating layer. Additionally, the particle porosity directly determines
the particle, and thus, the bulk density of a product. The denser a product, the more material
can be packed in the same unit, reducing the necessary material for the production of the
packaging. The bulk density also affects the transport of the product. A product with low bulk
density needs more space and thus, more transportation vehicles to get to its destination,
which is increasing the transportation costs.

Besides the particle porosity, also the particle surface structure is an important morphological
aspect in particle technology. Rough particles may show bad flowability due to mechanical
inter-locking of the particles, hindering their movement. Additionally, rough surfaces can
enhance friability, which leads to unwanted dust formation.

Particulate products can be produced by numerous processes. If the educt already is a solid,
the product can be manufactured mechanically, for example by crushing, milling and sieving.
An agglomeration step can further improve product quality aspects like particle size or instant
properties by gluing together the already existing solids to larger clusters. If the solid educts
need to be processed, or if the educts are solid-containing liquids like solutions, suspensions
or melts, thermal and chemical processes like evaporation, granulation, phase transition,
crystallization or precipitation are necessary to generate particles. This dissertation focusses
on agglomeration and granulation processes. Agglomeration processes can be dry or wet. Dry
agglomeration can be achieved by mechanical compression, like tablet pressing, or thermal
treatment like sintering. For wet agglomeration, a binding liquid is applied to an agitated bed
of particles. The liquid bridges enhance inter-particle forces, leading to cluster formation of
the particles, the so-called agglomerates. Granulation is the phase transition of solid-
containing liquids to the solid, particulate form. Wet agglomeration and granulation processes
need a form of mechanical or pneumatic agitation of the particles. The necessary movement
can be provided, for example, by a mixer, a rotating drum or a fluidized bed.

Agglomeration and granulation processes can be conducted in batch or continuous mode.
When a product is developed, this is usually done in batch mode. Batch processes are
versatile, easy to control, and have defined end points in time, resulting in defined product
properties. But if larger quantities of products are needed, transition to continuous production
can be useful. There are then no down times between the single batches, improving
productivity. A special challenge may though be posed by process dynamics. Especially
during the start-up period, transient process behavior is to be expected, resulting in changing
product quality. But if the steady state is reached, a continuous process produces large
volumes with uniform product quality. But continuous particle formation processes are
though still less common in several sectors of industry than batch processes. Further
investigation of the process behavior is necessary to change this fact. In particular, it is



1.2 Outline

necessary to know the dynamics of a process, to determine, for example, if the process will
reach a steady state, and, thus, can be used for industrial purposes.

In this dissertation, continuous spray fluidized bed layering granulation (SFBLG) and spray
fluidized bed agglomeration (SFBA) were investigated. In both processes, a liquid is sprayed
onto fluidized particles. For SFBLG, the solids in the spray solution and the particles at the
start of the process consist of the same solid material. Here, the goal is a phase transition of
the dissolved solid into the particulate state. For SFBA, usually a liquid binder is sprayed onto
fluidized particles to form larger particle clusters. Both processes are explained in more detail
in Section 2.2.

Simulation studies showed that for continuous SFBLG oscillations in the particle size
distribution (PSD) may occur. This is potentially harmful to a production process, as
oscillations in the particle size may lead to product outside of the size specification, reducing
the productivity of the process. Additionally, changing particle sizes may lead to changing
bed masses and variable product mass flow rates, which may interfere with following process
steps. Thus, any form of oscillation in a continuous process is usually unwanted, as product
quality might not be as constant as during steady state. The simulation results indicate that the
above mentioned oscillations in particle size distribution occur for certain process parameter
combinations. But an experimental proof has not yet been published, other than by the author
of this thesis. Consequently, this dissertation presents a systematic experimental investigation
of the process behavior and the resulting product quality for continuous SFBLG and SFBA.

The main goal of this dissertation was to link operating features like drying, fluidization,
particle feed, and product withdrawal to the dynamics of continuous SFBLG and SFBA
processes. Furthermore, the impact of operating parameters and process behavior on product
quality aspects like particle size distribution, particle roughness and particle porosity was
analyzed.

1.2 Outline

This thesis contains five main chapters. These are a detailed literature survey, presenting the
state of the art, a chapter presenting the methods used to measure particle properties, and three
chapters presenting the experimental results regarding continuous SFBLG with internal and
external separation, and continuous SFBA with both types of product discharge.

In Chapter 2, the theoretical groundwork for understanding this dissertation is established, and
previously published work in the field of spray fluidized bed processes (SFBP) is presented.
This chapter starts with the definition and explanation of fluidization. Then, the particle
formation in fluidized beds is described in detail, covering the underlying micro-processes,
the application of SFBP, an explanation, how the structure of the product granules is formed,
and a section about which particle properties are of special interest with respect to product
quality. Then, special challenges regarding the continuous mode of SFBP are described. In the
next section, typical modeling strategies regarding SFBP are summarized. The results of
different simulation studies for SFBLG and SFBA, known from literature, are presented, and

their relevance for the present dissertation is discussed.
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Chapter 3 gives an overview of the methods used to measure product quality aspects of
particulate solids. At first, the theory and measurement of particle size distributions (PSD) is
explained. This also includes the presentation of a method to determine a steady state, based
on the measurement of an average particle diameter over process time, and a separate method
on the calculation of an average particle growth rate for a continuous process in steady state.
Then, the measurement of the particle moisture content in the sense of a mass fraction of
water is explained briefly. The following three sections focus on self-developed methods to
measure product quality parameters like granule porosity, granule roughness and the fractal
dimension of agglomerates, based on micro-computed tomography (u-CT), scanning electron
microscopy (SEM) and light microscopy.

Chapter 4 and 5 present the experimental results regarding continuous SFBLG with internal
and external separation, respectively. A section on materials and methods is followed by the
presentation and discussion of the results. Especially the process behavior, expressed by the
temporal evolution of the PSD and the average particle diameter, and the particle morphology,
represented by particle porosity and particle roughness, are shown and discussed. Additional
consideration is given to the steady state experiments, where average particle growth rates are
calculated. Furthermore, the results for continuous SFBLG with internal and external
classifying product discharge are compared.

In Chapter 6 the results regarding process behavior and resulting particle structure for
continuous SFBA with internal and external separation are presented. The agglomeration
experiments were conducted with partly amorphous material, in a way that spraying of water
was sufficient to generate sticky particles, allowing for agglomeration without the need for an
additional binding agent. The process dynamics are evaluated on the basis of the temporal
evolution of the PSD and the average particle diameter. Additionally, the agglomerate
structure is quantified by the fractal dimension, being a measure for the compactness of an
object. Average agglomerate growth rates are calculated for steady state experiments and the
results for internal and external separation are compared.

Chapter 7 summarizes the main conclusions and gives an outlook for future research work.



2 State of the art

This chapter gives a detailed literature survey regarding particle formation in fluidized beds,
and places the dissertation in the context of scientific research. Firstly, fluidization is
explained. Then, the underlying mechanisms of spray fluidized bed processes (SFBP) and
their applications are presented. Special problems and considerations for continuous SFBP are
discussed, and product quality requirements for particles produced in fluidized beds are
described. Additionally, general modeling concepts for spray fluidized bed layering
granulation (SFBLG) and agglomeration (SFBA) are presented, and conclusions regarding
governing process parameters are drawn. Considering all former theory sections, the chapter
is completed by a formulation of the goals to be achieved by the dissertation.

2.1 Fluidized bed technology

If a fluid (gas or liquid) flows through a fixed bed of particles opposed to gravity, the particles
will be fluidized when a certain fluid velocity (minimum fluidization velocity) is exceeded.
The fluid enters the bed through a perforated plate, the distributor plate. Increasing fluid
velocity changes the fluidization behavior from smooth fluidization over bubbling and
turbulent fluidization to pneumatic transport (Fig. 2-1). Besides fluid parameters, particle
properties strongly influence the fluidization behavior. Therefore, Geldart (1973) proposed a
classification of particles regarding their size and density, resulting in similar fluidization
behavior in a gas flow:

e Group A: Powders falling into this group have a density below 1400 kgm™ and a
particle size of about 50-200 um. Bed expansion at minimum fluidization velocity and
prior to bubble formation is characteristic here. Particles are rapidly mixed during
fluidization.

e Group B: Particles of this group are most common in fluidized bed processes. They
have a density between 1400 and 4000 kgm™ and a particle size between 40 and
500 um. For these materials, bubble formation starts right at or slightly above the
minimum fluidization velocity.

e Group C: Cohesive powders with a particle size below 50 um fall into this group.
Regular fluidization is hardly possible, resulting in fluid channels forming in the fixed
bed. Fluidization can be realized by mixing elements or vibration, breaking said
channels and reducing the inter-particle cohesive forces.

e Group D: Large particles (>500 pm) with high density (1000-5000 kgm™) belong
into this group. For such particles, the gas bubbles during fluidization usually rise
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slower than the other gas. If a large portion of the fluidizing gas is entering the bed at
the center of the distributor plate, particles will spout, meaning they will follow
circular trajectories (rise in the middle, sink down at the wall of the apparatus).

Main applications for fluidized beds in general are chemical processes like combustion,
gasification, adsorption, gas and water cleaning, or catalytic reactions, and physical processes
like heating or cooling of materials, drying, separation of different particle sizes or density
fractions, mixing, and particle formation processes (Morl et al., 2007). Whereas the chemical
processes are partly conducted with liquids as fluidization fluids, the physical applications of
fluidized bed technology mainly use gases as fluidization media. This dissertation deals with
the physical process of particle formation with fluidization by air.
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Fig. 2-1. Stages of fluidization for increasing fluid velocity (Kunii and Levenspiel, 1991).

To calculate the onset of fluidization, two dimensionless numbers are necessary. The
Reynolds number Re is defined as follows:

Re =27 (2-1)
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with superficial gas velocity ug, particle diameter d, and kinematic viscosity of the fluidizing
gas vg. The Archimedes number Ar is calculated from:
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(2-2)

with gravitational acceleration g, particle density p, and gas density pg. The Reynolds number
at onset of fluidization or minimum fluidization Reys is derived from the Ergun equation
(Ergun and Orning, 1949), describing the pressure drop in a fixed bed. For spherical particles
Rens is defined (Wirth, 2010):

3
Yor

Ar — 1], 2-3
vy &)

Reyr = 42.9(1 — Wpy) j1 +3.1-107*

with bulk porosity at minimum fluidization ¥.,:. The value of ¥y has to be determined
experimentally or is estimated to 0.4 for a randomly packed bed of monodisperse spheres.
Thus, the necessary gas velocity for minimal fluidization ug ¢ of spheres of a given material
is given with Reys from Eq. 2-3 by:

Repr - vy
ug'mf = —d . (2—4)
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The maximum gas velocity of a fluidized bed is limited by the stationary sinking velocity of
the particles. If the gas velocity exceeds the sinking velocity, particles are elutriated from the
fluidized bed (pneumatic transport). The sinking velocity is derived from a force balance over
a particle (Appendix A, p. 139). Thus, the Reynolds number at elutriation Reg is given by:

Re, = |z—, (2-5)

with the drag coefficient cqg, which is calculated as follows (Kaskas, 1970; quoted from Gahn
and Mersmann, 1999):
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Equation 2-5 has to be solved iteratively for the elutriation velocity:

Re,-v
Uge = % . (2-7)
P

Consequently, successful fluidization is usually achieved for ugms < ug < uge, depending on
the Geldart group of the particles. For Group C particles, additional to an air velocity larger
than ugmr, Special measures to reduce the inter-particle forces, for example vibrations, have to
be realized for successful fluidization.

2.2 Particle formation in fluidized beds

This section introduces the micro-processes occurring during particle formation in fluidized
beds. The most common research fields, their main findings and their application in industrial
processes are presented. Furthermore, quality aspects of particles produced in fluidized beds
are discussed.

2.2.1 Mechanisms

In SFBP free-flowing particulate solids, so called granules, are produced. Three different sub-
processes are distinguished (Fig. 2-2). For spray fluidized bed coating (SFBC) a liquid
containing a different solid material than the particles is sprayed into the fluidized bed. The
liquid wets the particles, is dried by heated fluidizing air, and leaves solid coating shells,
usually protecting the core. If the spray liquid contains the same material as the particles, the
resulting granules grow layer-wise, comparable to the coating process, which is called spray
fluidized bed layering granulation (SFBLG). But here, the main goal is transferring the solid-
containing liquid into a solid, granular state. When the spray liquid acts as a binder, gluing
together the fluidized particles, the resulting process is named spray fluidized bed
agglomeration (SFBA). Following, the occurring micro-processes during SFBP are discussed,
separated according to the respective sub-process under consideration. A summary is given in
Tab. 2-1.
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Fig. 2-2. Left: SFBP, right: sub-processes (A: coating, B: layering granulation, C:
agglomeration).

Agglomeration

A large part of the groundwork regarding agglomeration of particles in general was laid by
Rumpf (1958) and Schubert (1982). Inter-particle bonding mechanisms can be separated into
five categories (Rumpf, 1958):

Solid bridges: Particles bond via a solid connection. Typical processes using this
mechanism are sintering, crystallization of a dissolved material, re-crystallization of a
wetted, partly dissolved surface, or solidification of a molten material.

Interface forces: Here, particles stick together in different ways. Liquid bridges, like
those formed by a binder solution or a pure liquid, are formed, if the liquid-solid ratio
is low. After drying, those liquid bridges are transformed to solid bridges. If more
liquid is introduced to the particles, capillary forces become dominant in the
agglomerates. If even more liquid is added in a way that the liquid droplets completely
encapsulate the particles, the surface tension of the liquid is the dominant
agglomeration mechanism.

Cohesive forces: This type of agglomeration occurs, for example, for highly viscous
liquid binders. Usually, those viscous binders dry or solidify over time, forming solid
bridges. Additionally, adsorption layers may allow for agglomeration. These thin
liquid layers (for water <30 A) can fully transfer the molecular adhesion forces
between the molecules, as no liquid meniscus is formed for such thicknesses. Usually
at rough spots of the particles, the adsorption layers allow for bridge formation. By
application of pressure, the contact areas are increased, realizing agglomeration. This
mechanism is used, for example, for briquetting.

Attraction forces: The commonly known attraction forces are Van der Waals forces
and electro-static forces. The Van der Waals forces are a sum of repulsion and
attraction forces, acting even at distances of 100 A. Van der Waals forces are
relatively low, but act without material contact. Other attraction forces are electro-
static forces, which usually are evoked by friction through particle movement or
comminution. Electro-static forces can be the initial bonding mechanisms, being
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replaced by the larger and more permanent liquid or solid bridges during the
agglomeration process.

e Positive locking: For branched or chain-like particles, mechanical prevention of
movement can be reached by positive locking. The particles can’t move relative to
each other anymore, thus forming agglomerates.

During SFBA, mainly the first three mechanisms of the list above occur. Liquid or viscous
bridges are formed by the sprayed binder or by pure water. Agglomeration phenomena in
fluidized beds by using binder solutions was investigated, among others, by Turton et al.
(1998) and Iveson et al. (2001). During SFBA usually a dissolved or viscous binder is sprayed
onto a fluidized bed of particles (primary particles). Porous particles are partly penetrated and
partly covered by the binder and non-porous particles are only wetted by the binder. Upon
particle contact on at least one wetted spot, particles will agglomerate, if the liquid is able to
dissipate the kinetic energy of the involved particles. If the particles retain a part of their
kinetic energy, rebound will occur (Ennis et al., 1991). After drying by the fluidizing air, the
rather fragile liquid bridges connecting the particles become more durable solid bridges
(Fig. 2-2, right, C). The resulting particles are called agglomerates. Depending on droplet
size, nucleation, primary or secondary agglomeration occur (Tab. 2-1). Agglomeration with
binder was also investigated by Hampel (2010). He presented batch SFBA experiments,
laying the groundwork for the design of agglomeration experiments presented in this
dissertation.

Especially with water based binders, water-soluble particles show slightly different
agglomeration behavior (Palzer, 2011). Crystalline, water-soluble materials are partially
dissolved, when sprayed onto with water. Particles can agglomerate at the liquefied spots.
After drying and re-crystallization, solid bridges connect the particles. However, amorphous
material, in which the molecules have no regular crystal lattice and free volume exists in
between the molecules, will agglomerate differently. The sprayed water migrates into the free
volume of the amorphous material and forms a cohesive, sticky patch on the particle, allowing
for agglomeration. The particles may sinter together at these sticky spots and form viscous
bridges. The materials undergo glass transition upon wetting. After drying, solid bridges
remain, connecting the particles (Palzer, 2005, 2010; Avilés-Avilés et al., 2015). As most of
the food powders in industry are water-soluble and crystalline, amorphous or a mixture of
both (Palzer, 2009), the above mentioned mechanism is mainly applied in food industry to, for
example, produce instant powders.

In practice, the glass transition temperature of the wetted material is of particular interest.
Depending on the mass fraction of water absorbed xy, the glass transition temperature T4 can
be calculated by the Gordon and Taylor equation (Gordon and Taylor, 1952), if the glass
transition temperature of the pure solid Ty, the glass transition temperature of water T, and
the Gordon and Taylor constant ¢ of the solid are known:

. _(1—xw)-Tg,S+c-xW-Tg,W

9= (1-x,)+c x, (2-8)
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Coating and layering granulation

Coating and layering granulation are based on similar principles. The micro-processes during
SFBC and SFBLG were investigated by numerous researchers (Uhlemann, 1990; Turton et
al., 1998; Zank et al., 2001). If the dissolved solids in the sprayed liquid and the particles in
the fluidized bed consist of the same material, the process is called layering granulation. If a
different solid is sprayed, the particles are coated, forming a distinctive layer on the seed
particles. If the sprayed droplets hit the fluidized particles (seed particles) and do not rebound,
they will spread and eventually dry on the particle surface, leaving behind the solids, which
form a layer around the particle. Thus, layer-wise growth of the particles is achieved. The
resulting particles are called granules. Spray droplets drying prior to particle contact or
rebounding from the particle surface may lead to dust formation by overspray (Tab. 2-1). The
dust, which is formed by overspray, might be integrated into the granules by new droplets
(Grinewald and Kind, 2011). But especially in coating processes overspray represents
material loss, as the dust commonly is elutriated at the top of the fluidized bed. For layering
granulation processes, dust formed by overspray may agglomerate and serve as new seed
particles for the granulation, and thus, is not automatically lost material. Furthermore,
agglomeration of seed particles is unwanted, especially in coating processes, as the resulting
coating layers may be unevenly distributed and defective, and too large agglomerates may
lead to de-fluidization of the whole bed.

A study regarding continuous coating was presented by Hampel (2015), investigating product
quality and process behavior. Layering granulation, especially in batch mode, was
investigated by Hoffmann (2016). He determined fundamental mechanisms of structure
formation of the granules and described the process dynamics of batch layering granulation
very well with his population balance model. The work of Hoffmann (2016) is the direct
predecessor of this dissertation, laying the groundwork for the continuous SFBLG
experiments presented here.

In most SFBP agglomeration and coating/layering may occur in parallel. For very large
droplets, nucleation is the predominant process. For droplet sizes matching or smaller than the
particle size, usually primary or secondary agglomeration takes place. If the droplets are small
compared to the seed particle size, coating or layering is the pre-dominant process (Tab. 2-1).
But in practice, droplets and particles possess a size distribution, resulting in mixed
phenomena. The process parameters are chosen to either get agglomeration or
coating/layering, but the respective other sub-process usually also occurs and is in most cases
unwanted. Some researchers investigated the transition from layering to agglomeration.
Hemati et al. (2003) reported for droplet sizes of 20-60 um, that for particles larger than
300 um layering usually is the dominant process. Below 300 um, particles are more likely to
agglomerate. Saleh et al. (2003) set this boundary at 200 um, without mentioning the size of
the droplets used for their experiments. Typical values for the granule growth rates of SFBP
are given by Nienow (1995):

e Agglomeration: 1.7-17 pm-min™
e Layering granulation: <1.7 um-min™
e Coating: <0.17 pm'min’*
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Tab. 2-1. Micro-processes during SFBP.

Mechanism Description SFBA SFBC SFBLG
Overspray: e partial droplet drying prior to ° - +
3 particle contact
e missing droplet-particle
'\10/1' adherence
o —_— e dust formation
Nucleation: edy>>d, + o +
o e wetting of powder/dust particles
_-@ e agglomeration to larger clusters
O
00
00
Primary Agglomeration: edg=dyordys<dp ++ - +
00 e wetting of primary particles and
Q& Oo— agglomerates
@) QSJ e agglomeration of a primary
particle to an agglomerate or
primary particle at wet spots
e drying, particle growth,
repetition
Secondary Agglomeration:  edy=d,or dq > dp ++ o o
063 e wetting of agglomerates
¢ Cb——% e agglomeration to large clusters
R at wet spots
e drying, particle growth,
repetition
Coating/Layering: edyg << d, o ++ ++

e spreading of droplets on seed

oo particles
- O e drying/solidification
e repetition of wetting and drying
e drying, layer-wise particle
growth, repetition

Breakage: e impact of granule on wall or + o S

@ 8) other granule
—— % e agglomerates break into smaller
<8> clusters

e single particles break into
O_’b 9 fragments

e particle size reduction
Attrition/Abrasion: e particle-wall or particle-particle + - +

O O . contact
A3 e formation of dust

e particle size reduction

++ main effect, + occurring, — occurring, but unwanted, o negligible
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Thus, agglomeration usually is the fastest process, as particles are simply glued together to
achieve growth. In layering granulation, relatively high spray rates can be achieved with
reasonable rates of agglomeration occurring in parallel. During coating, agglomerates are
especially unwanted. To prevent excessive agglomeration, usually the spray rate is reduced to
prevent the formation of liquid bridges during the process. Without liquid bridges, no durable
solid bridges can be formed. But using low spray rates also reduces the growth rate, as also
less solid material is sprayed. Consequently, SFBC processes usually have the smallest
growth rates, compared to SFBA and SFBLG.

2.2.2 Applications

Previous work considering SFBP usually investigated their application for the production of
defined industrial products. The following paragraph summarizes a few interesting
applications for SFBP.

Goals of SFBA usually are the production of free-flowing powders, improvement of instant
properties, or encapsulation of perishable materials, among others. SFBA is used to produce,
for example, laundry powders (Boerefijn and Hounslow, 2005), fine chemicals like vitamin
mixes (Palzer, 2011), pharmaceutical powders (Benelli et al., 2015), and food powders
(Palzer, 2007) like soymilk powder (Jinapong et al., 2008) or encapsulated oils (Turchiuli et
al., 2005). In SFBC the main goal is the protection of the core material. SFBC is applied,
among others, for micro-encapsulation of bioactive compounds (Meiners, 2012) and anti-
oxidants (Coronel-Aguilera and San Martin-Gonzélez, 2015), for achieving controlled release
rates of fertilizers (Donida and Rocha, 2007; Lan et al., 2011) or drugs (Tzika et al., 2003;
Hacene et al., 2016), or the masking of tastes and odors (Teunou and Poncelet, 2002). SFBLG
is mainly used to transfer a solid-containing liquid to the solid state. This is done mainly for
fertilizers (Wang et al., 2013).

2.2.3 Product quality

The quality of a granular product is directly linked to its physical and chemical properties.
During granulation, several properties are influenced and changed to produce the desired
product. A key property is the particle size. Generally, larger particles are easier to handle, as
they do not emit dust and flow easily, due to the low inter-particulate forces in relation to their
weight forces. Particle morphology, such as particle porosity and surface structure, are also
very important, as they affect various product quality aspects. Granules with rough surfaces
are hard to handle, as the inter-particulate forces are enhanced due to larger and possibly
interlocked contact areas of the particles. High porosity of granules or coating shells enhances
the dissolution rate (Nakano and Yuasa, 2001), lowers the retarding capacity of the active
ingredient and decreases the bulk density. The bulk density of granules is an important aspect
in terms of logistics. High bulk densities mean smaller packaging for the same mass sold,
reducing transportation costs.

Furthermore, the moisture content of the produced granules is of high importance. On the one
hand, it influences the shelf life of degradable products, especially in the food and
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pharmaceutical industry. On the other hand, from an economical point of view, granules
should not be too dry, as the water in the product is sellable mass, as long as it is within the
specifications dictated by the shelf life. Further minor quality aspects are the granule color,
which could be important for advertisement, the durability in resisting mechanical stress to
maintain an intact product, the friability to avoid dust formation during handling, etc.

SFBP feature some specific characteristics with regards to product quality. High mass and
energy transfer rates allow for short process times or low process temperatures, enabling the
handling of thermo-labile material. Good mixing of granules in the fluidized bed results in
rather narrow particle size distributions in batch operation, which is especially important in
the pharmaceutical industry, where product granules are supposed to have similar contents of
the active pharmaceutical ingredient (API). Furthermore, the particle formation process
during SFBC and SFBLG usually yields granules of high sphericity, enhancing product
handling due to good flowability.

2.2.4 Structure formation

In SFBP, the process parameters determine the structure of the product particles. Structural
properties are for instance the morphology of the particle surface, characterized for example
by a surface roughness value. Also the inner structure of granules, for example the particle
porosity is a key structural parameter. For agglomerates, especially the orientation of the
primary particles in the agglomerate, defining a kind of agglomerate surface roughness, is a
key factor. Previous work, regarding structure formation of particles in SFBP, is discussed in
this section.

For SFBC processes, investigations regarding particle morphology have to be distinguished
with respect to the type of sprayed liquid. If the coating liquid is containing a dissolved solid,
especially the drying parameters control the structure formation of the product particles. An
example for batch coating of y-Al,O3 particles with a sodium benzoate solution (Xyas = 0.3),
which was conducted in the frame of this dissertation, is shown in Fig. 2-3. For larger
temperatures and lower spray rates, the coating shell becomes denser and smoother. If the
coating liquid contains suspended particles, the importance of the drying conditions is
reduced, and parameters like composition of the suspension and atomizing pressure mainly
determine the structure of the coating layer. A study regarding SFBC of y-Al,O3 particles with
a suspension made from limestone powder and hydroxypropyl methylcellulose (HPMC) as a
binder was published by the author of this thesis (Schmidt et al., 2017b). Here, different
drying conditions did not influence the coating shell morphology significantly (Fig. 2-4, top
row). But with increased atomizing pressure of the spray nozzle and with decreased mass
fraction of limestone and HPMC in the suspension, the coating shell became denser and
smoother (Fig. 2-4, middle and bottom row). Consequently, the type of spray liquid (solution
or suspension) determines the influencing process parameters for structure formation. To
access structural parameters like roughness and porosity, different measurement systems are
available. Image acquisition by, for example, light microscopy or scanning electron
microscopy (SEM) followed by image analysis gives a visual impression of the particle
surface and allows for the calculation of particle roughness, average layer thickness and
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particle size. The methods are explained in detail in Chapter 3. The inner structure of coating
shells and granules, namely the porosity, is a key product quality factor. To access the inner
structure of granules in a non-destructive way, micro-computed tomography (u-CT) is used.
Sondej et al. (2015) described a method using p-CT to determine the coating shell thickness
distribution and average coating shell porosity for particles produced in batch SFBC.

60°C 80°C 95°C

Fig. 2-3. SEM images of the typical shell morphology for batch SFBC of y-Al,O3 particles
with sodium benzoate solution at different inlet gas temperatures (columns) and different
spray rates (rows).

15



2 State of the art

gas inlet
temperature

total
atomizing
pressure

mass
fraction of
limestone

Fig. 2-4. SEM images of the typical shell morphology for batch SFBC of y-Al,O3 particles
with a suspension of limestone and HPMC at different inlet gas temperatures (top row),
atomizing pressures (middle row) and mass fraction of limestone in the suspension (bottom
row). The middle column shows the same particle from the reference experiment in all three
rows (Schmidt et al., 2017b).

For SFBLG and SFBA the above described methods for evaluating particles produced by
SFBC can be adapted. Microscope images and pu-CT measurements are commonly used to
determine the granule roughness and porosity, respectively.

As stated above, for SFBC processes with aqueous solutions, the structure formation of the
coating shell is mainly determined by the drying conditions. To summarize the influencing
psychrometric parameters, Ebey (1987) introduced the Environmental Equivalency factor EE,
which was adapted by Strong (2009):
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Ysat - Yl 1
EE =234 m__ (2-9)
Yout - Yl E

where Y, Yin and Yot are the absolute moisture contents of the fluidizing gas at saturation,
inlet and outlet, respectively, and E is the vaporization efficiency, which was originally
derived by Reiland et al. (1983). For a constant value of EE’, Strong (2009) claims that the
resulting coating structure will be similar, regardless of the actual process parameters or the
level of scale-up. The values of EE' are in the range from unity (saturation) to infinity (no
evaporation), which makes this factor mathematically impracticable. However, inverting EE’
yields the more practicable vaporization efficiency E, which ranges from zero (no
evaporation) to unity (saturation). Rieck et al. (2015) use the drying potential /7 to describe
their coating experiments. The drying potential describes the remaining capacity of the outlet
fluidizing air to evaporate water. Thus, the drying potential is given by:

N=1-E=1-—= . (2-10)

The drying potential ranges from zero (completely saturated outlet air, no remaining drying
capacity) to unity (completely dry air, full remaining drying capacity). Rieck et al. (2015)
linked the drying potential to the coating shell porosity, which was measured via p-CT. In
their research, low drying potentials yielded porous coating shells and vice versa. This was
attributed to the re-crystallization behavior of the dissolved salt (sodium benzoate). Humid
process conditions, resulting in low drying potentials of the exhaust air, favored crystal
growth upon drying. Slow drying of the coating solution led to the formation of large crystals,
and thus, porous structures. However, dry process conditions led to fast drying of the coating
solution. Thus, a lot of small crystalline nuclei were formed, which had little time to grow.
This more precipitation-like solid formation led to denser coating shells (Rieck et al., 2015).
Similar behavior was confirmed by the author of this thesis and was shown in Fig. 2-3.

In addition to process parameters, Link and Schlinder (1996) reported a dependency of the
coating shell morphology on the porosity of the core material. Droplets were spreading better
on a porous core material, resulting in a smoother and more uniform coating. Rieck et al.
(2015) confirmed this observation, obtaining larger coating shell porosities for non-porous
glass beads as core particles, compared to the porosity of the coating layer formed at similar
process conditions on porous y-Al,O3 particles. But contrary to Rieck et al. (2015), Link
(1997) reported denser shells for coating with salt solutions for intense drying (high drying
potential) and vice versa. But Link (1997) did single particle coating experiments with a time-
separation of spraying and drying, neglecting the simultaneous drying and wetting present in a
fluidized bed. Additionally, droplet deposition on the particles and accumulation of droplets
on a particle will occur differently in a fluidized bed and a single particle experiment.
Consequently, Link (1997) might have observed effects known from spray drying, where high
temperatures (high drying potential) might lead to rupture of droplets during drying, resulting
in rough and porous structures.
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For SFBA with non-porous glass beads, Dadkhah and Tsotsas (2014) evaluated u-CT images
from agglomerates and reported high agglomerate porosity for high agglomeration rates (for
example low gas temperature, high spray rate) and vice versa. For SFBA of partially
amorphous maltodextrin Pashminehazar et al. (2016) reported open and fluffy agglomerates,
but no relationship between process parameters and structure development was given.

2.3 Continuous particle formation in fluidized beds

For a continuous particle formation process, seed particle supply and product discharge have
to be realized. The supply of new primary particles for continuous SFBA or new seed
particles for SFBC is usually done externally. This means, material similar to the initial feed
material in the fluidized bed is supplied to the granulator during the continuous process by,
for example, a wheel sluice or a double pneumatic sluice gate. For SFBLG, seed particles may
also be provided internally by overspray (Tab. 2-1). Internal seed particle supply simplifies
the design of the granulator and the whole process, as seed particles do not have to be
produced separately, for example, by spray drying. The product discharge is usually done in a
classifying way to meet the respective necessary product particle size. Two basic principles
for classifying discharge are used: Internal and external separation (Fig. 2-5). For internal
separation, the classifying device, for example a classifying tube or zig-zag sifter, is directly
connected to the fluidized bed. Particles are only discharged, if their sinking velocity exceeds
the gas velocity in the tube. With increasing particle diameter during granulation, also the
sinking velocity of the granules increases. The diameter, at which a particle’s sinking velocity
equals the gas velocity of the classifying air, is called separation diameter dsp. It is calculated
from Eqgs. 2-5 and 27 to:

d _ 3uglasspclasscdg
P 4(pp - pclass)g ,

(2-11)

with the velocity of the classifying air ucass and density of the classifying air pciass. As the drag
coefficient cqy depends on the Reynolds number (Eq. 2-6), which is dependent on the particle
diameter (Eq. 2-1), dsp has to be calculated via iteration. Consequently, the product size
range is controlled by the air velocity, and, thus, the air volume flow rate in the classifying
tube.

In contrast, in case of external separation, particles are ideally discharged in a non-classifying
way. Then, the discharged particles are fed, for example pneumatically, to a classifying
device, for example a sieve, outside of the granulator. The particles are separated into
oversize, undersize, and product fraction. The oversize fraction is milled and returned to the
granulator alongside with the undersize fraction. The milled oversize particles serve as
additional seed particles for the layering granulation process or additional primary particles
and agglomeration partners during continuous SFBA. With external separation, the product

size range is solely controlled by the mesh widths of the used sieves.
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2.4 Modeling of continuous spray fluidized bed processes

To prevent excessive filling or emptying of the granulator, the bed mass is usually kept
constant. For external separation, the discharged particle mass flow rate is controlled by the
discharge device. If a wheel sluice is used, the rotational speed of the sluice controls the mass
flow rate of discharged particles. If, as shown in Fig. 2-5 B, material is discharged through a
tube, an air volume flow controls the amount of discharged particles to keep the bed mass
constant. In this case, a slight pre-classifying occurs before the material is finally separated by
the external sieve. But this classifying effect of the discharge air is small compared to the
effect of the sieve. In case of internal separation, it is rather difficult to maintain a constant
bed mass. A controlled classifying air mass flow can be used to keep the bed mass constant,
but this will directly change the size range of the product.

constant

heated heated

feedback to granulator

classifying fluidizing fluidizing air
air i
oversize
product fraction
@ storage

undersize
fraction

Fig. 2-5. Classifying product discharge. A: internal separation, B: external separation.

2.4 Modeling of continuous spray fluidized bed processes

This section gives an overview about modeling concepts for continuous SFBP known from
literature. After introducing the basic modeling, the results of different simulation studies
regarding process behavior, especially of SFBLG processes, are presented. Special
consideration is given to the modeling of the process kinetics and their influence on process
behavior. Important experimental parameters and their consideration in the presented studies
are discussed. From the discussion, conclusions for the parameters to be investigated
experimentally in this dissertation are drawn.

2.4.1 General modeling concepts

In SFBP, the interesting particle property is usually a distributed quantity. In most cases, this
particle property is the distributed particle size. But also quantities like particle volume,
particle temperature, or particle moisture content can be distributed. The most common
approach to model distributed particle properties are population balance equations (PBE). A
PBE can describe the temporal evolution of the number distribution density n, with respect to
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internal coordinates like size, temperature or moisture content, and with respect to external
coordinates in space (location/position). The concept of PBE has been applied to growth
processes during crystallization (Randolph and Larson, 1971), SFBA (Hounslow et al., 1988)
and SFBLG (Heinrich et al., 2002b). A good overview is given by Ramkrishna (2000).

Considering a fluidized bed as a well-mixed system (Burgschweiger and Tsotsas, 2002), the
external coordinates are neglected and the PBE for a growth process, concerning a distributed
particle size, reads:

on d(G -n)
- _ 2-12
o 5 +B-D, (2-12)

with the growth rate G, a birth term B and a death term D. Depending on the type of growth
process under consideration, the three terms take different forms (Sections 2.4.2 and 2.4.3).

In recent years, with advanced computational power and tools, coupled computational fluid
dynamics (CFD) and discrete element methods (DEM) became more important in modeling
fluidized bed systems. Actual growth processes are difficult to describe, but particle collisions
and trajectories can be simulated well. For a pseudo 2-D fluidized bed, Jiang et al. (2017b)
present a method to track particle movement and collisions. Also drying during SFBLG can
be modeled using CFD methods (Li et al., 2012). Combining CFD-DEM with PBE, also
structure formation can be accounted for. Nucleation in continuous SFBA was investigated
(Li et al., 2013), agglomeration during spray drying (Jaskulski et al., 2015), and droplet
deposition, residence time and particle collisions in SFBC (Jiang et al., 2017a), among others.

Not knowing the exact growth kinetics for SFBP, Monte Carlo (MC) methods can be applied
for compensation. MC modeling for SFBP is a stochastic method, where a sequence of
discrete micro-processes is applied to a finite set of particles (Rieck et al., 2016). Terrazas-
Velarde et al. (2011) and Dernedde et al. (2012) showed the application of MC modeling to
SFBA processes. For SFBA, the exact agglomeration kinetics is usually not known. Modeling
the occurring micro-processes like binder droplet deposition, particle collision, etc. and
implementing them in a Monte Carlo simulation enables the calculation of the agglomeration
process. The agglomeration kinetics from the MC simulation can be used to improve PBE
simulations. Additionally, Rieck et al. (2016) showed the application of the MC method to the
simulation of a batch SFBC process. There, the growth kinetics is usually known, but the
discrete modeling allows for the calculation of additional parameters like the coating shell
thickness distribution, which are not accessible via PBE modeling.

2.4.2 Special considerations for SFBLG

Basic modeling of continuous SFBLG has already been done by Morl et al. (1978) without
the use of PBE. These authors introduced the idea of area-equivalent, spherical growth of the
particles and used a simplified model, predicting the PSD of the product during steady-state
operation of a continuous SFBLG process. The model was modified to account for newly
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2.4 Modeling of continuous spray fluidized bed processes

generated seed particles by overspray (Morl, 1980). On this basis, Heinrich et al. (2002a)
developed a PBE model describing continuous SFBLG using a similar growth term, but
without considering overspray. Vreman et al. (2009) enhanced the understanding of the
growth term by applying a modified growth rate considering the fraction of generated
overspray o to his PBE model of continuous SFBLG with internal separation. Thus, the
growth term G reads:

G _ 2 . xS . MSpTay - (1 - 0) ’ (2_13)
Ppart Spart,t

with the mass fraction of solids in the spray xs, the mass flow rate of the spray solution Mspray,
the particle density ppart, and the total surface area of all particles in the fluidized bed Spart.
Following the understanding of Vreman et al. (2009), the mass fraction of overspray o is
variable, especially during the transient start-up period of a continuous SFBLG process. In
top-spray configuration of the spray nozzle and for an empty bed, the whole sprayed mass
contributes to overspray formation (o0 = 1). For a successively filling bed up to the nozzle
height, o is considered to decrease linearly. For bed heights larger than the nozzle height, the
overspray fraction stays at a constant low level o* (Fig. 2-6). Following the understanding of
Morl (1980) and Vreman et al. (2009), the mass fraction of overspray directly contributes to
dust formation serving as new seed particles for the layering process. These seed particles are
accounted for in the birth term B.

2\
o\
o\
\

0 0.2 0.4 0.6 0.8 1
bed height h [m]

=

>h

noz noz

overspray fraction o [-]

o= o*

(5 P

Fig. 2-6. Estimated overspray behavior during SFBLG.

In continuous layering granulation the death term D denotes the number density distribution
flow rate of the discharged particles 7o, Depending on the choice of discharge (internal or
external separation) different discharge functions are applied. In case of external separation,
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particles are discharged non-classifying, which can be modeled with a drain factor DF (Blick
etal., 2015):

Digxt = Nout = DFgxtNpeq - (2_14)

The particles are then separated externally by two sieves with the separation functions for the
oversize sieve k, and the undersize sieve x,. The oversize particles are milled and recycled to
the fluidized bed together with the undersize particles (Biick et al., 2015):

Npee = (1 —Ko) (1— Ku) "Nyt + it » (2_15)

with the number density distribution flow rate of the recycled particles 7. and of particles
crushed in the mill 7y, which depends on the milling characteristics and the number density
distribution flow rate of the oversize particles xo7iout. The number density distribution flow
rate of the product is given by:

flprod = (1 —Kp) " Ky Nyt - (2_16)

For continuous SFBLG with internal separation, D can be expressed by a drain factor and the
Heaviside function H around the separation particle diameter dse, (Vreman et al., 2009):

Dint = Niout = DFeH(d — dsep) . (2_17)

Corresponding to the different types of product discharge, the according birth terms B are
defined. For external separation, B includes potentially added external seed particles riseeq 1,
seed particles formed internally by overspray rseeq,2, and the recycled particles from the sieve
and mill 7iyec:

Bext = 7:lseed,l + 7;"seed,z + Nyec - (2_18)

In case of internal separation, no particles are recycled. The birth term then reads:

Bt = flseed,l + flseed,z . (2719)

Some authors also include the idea of separate spraying and drying zones with continuous
exchange between the zones in their modeling of SFBLG (Wnukowski and Setterwall, 1989;
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2.4 Modeling of continuous spray fluidized bed processes

Rieck et al., 2015). The additional mixing effect accounts for widening of the PSD during the
process by dispersion.

For the presented way of modeling continuous SFBLG, special knowledge regarding the
comminution in the mill, and the separation function of the sieves (external separation) or the
separation function of the classifying tube (internal separation) are necessary. Especially the
milling function usually has to be derived from experimental data, but is commonly
approximated (Buick et al., 2015). The described models already allow for the consideration of
key process parameters like mass fraction of solids in the spray xs (Eg. 2-13). Hoffmann
(2016) has already accounted for the layer porosity during continuous SFBLG, influencing the
particle density ppart in G (Eq. 2-13), by applying an empirical correlation. But the combined
effect of parameters like drying conditions, droplet sizes, or possible agglomeration on
process dynamics has not yet been considered for continuous SFBLG.

2.4.3 Special considerations for SFBA

For the modeling of SFBA processes by PBE, usually the particle volume is taken as internal
coordinate to simplify the equations. In ideal agglomeration, the sprayed binder is only used
to aggregate the primary particles, preserving the total particle volume in a batch process.
Growth by layering is usually neglected, and thus G =0. But birth and death terms are
formulated more complexly by integro-differential equations. Considering two particles with
the volumes v; and v,-vi, the volume of the resulting agglomerate is v, by the addition of the
single volumes. The birth term B then reads (Blick et al., 2016a):

B = Bagg(t' V2) + e + Mrec (2-20)

with the birth rate of agglomerates Bagg, the number density distribution flow rate of fed
nuclei 7ny., and the number density distribution flow rate of the recycled particles 7y (Only
for external separation; for internal separation 7irec = 0). Bagg is defined as follows:

V2

1
Bagg (t,vy) = P ] L(t, vy, v, — v)n(t, vn(t, v, — vy)dvy (2-21)

Vo

with the agglomeration kinetics g, which is usually separated into a time-dependent part So(t),
the agglomeration frequency, and a volume dependent part 4" (v, Vo-v1), the agglomeration
kernel, leading to the expression: A, va, Vo-v1) = Bo(t) - B ( V1, v2-v1) (Biick et al., 2016a). The
agglomeration frequency is usually fitted in the described models. The agglomeration kernel
has to be determined empirically or is estimated by consideration of the flow-field or relevant
micro-processes. An overview is given by Hampel (2010) and Hussain (2014).
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The death term D for continuous SFBA considers the reduction in a volume size class due to
agglomeration of particles to a larger size class by Dagg and the discharge of particles 7yt
(Biick et al., 2016a):

D= Dagg(tJ 172) + Moyt (2-22)
With Dagg:
Dagg(t,vp) = f L(t, vy, v )n(t, v)n(t, vy)dv, . (2-23)
Vo

The particle discharge 7oy is modeled similarly to continuous SFBLG (Egs. 2-14 and 2-17).
The agglomeration kinetics can be extracted from experiments, but recent research is also able
to nearly predict the agglomeration kinetics by means of Monte Carlo simulations (Terrazas-
Velarde et al., 2011) or PBE simulations (Hussain et al., 2015).

2.4.4 Process dynamics

In this section, simulation results from literature are discussed, giving an impression of the
process dynamics to be expected from continuous SFBLG and SFBA. The results mainly
consider continuous SFBLG, as few studies were found regarding continuous SFBA.

Usually, in operation of continuous SFBP a steady state is wanted. This means, equilibrium
between all particle mass flows and the sprayed solids has been established. Thus, the bed
mass, particle size in the fluidized bed and product, product mass flow rate, growth rate,
product moisture content, but also other process parameters like bed and outlet temperature,
are constant over time. This steady state can only be achieved after the initial hold-up (bed
mass of particles at the start) has been discharged and replaced by granules formed entirely by
new seed particles (Heinrich et al., 2002a) during layering granulation or new primary
particles during agglomeration.

The process behavior of continuous SFBLG has been widely investigated by simulations.
Based on Morl et al. (1978) and Morl (1980), Heinrich et al. (2002a) developed a population
balance model, which was able to predict the transient start-up period of a continuous SFBLG
process and its final steady or unsteady state. They modelled internal and external separation,
and simulated seed particle supply internally and externally. Heinrich et al. (2002a) predicted
oscillations of the PSD in the fluidized bed for certain parameter regimes. But, they presented
only one experiment with internal separation as validation for the entire model. A systematic
experimental investigation was not given. Investigation of continuous SFBLG by means of
simulations largely expanded from then on. Often, non-stationary process behavior is
reported, resulting in, for example, oscillating PSD (Tab. 2-2).
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2.4 Modeling of continuous spray fluidized bed processes

Heinrich et al. (2003) reported self-sustained oscillations of the PSD for fine milling, and
damped oscillations of the PSD for coarse milling in continuous SFBLG with external
separation. Based on the findings of Heinrich et al. (2002a) and Heinrich et al. (2003),
Drechsler et al. (2005) presented a comprehensive simulation study regarding continuous
SFBLG with external separation. They confirmed the process behavior regarding milling, and
additionally reported a stabilizing effect of seed particle formation by overspray. Using
bifurcation and stability analysis, Radichkov et al. (2006) qualitatively identified stable and
unstable operation regions for continuous SFBLG by using mass-based PBEs. Vreman et al.
(2009) developed a PBE model for continuous SFBLG with internal separation, being able to
describe oscillations of the PSD in a set of industrial data. In their understanding, the
oscillations of the PSD resulted from bed height-dependent overspray generation, as described
earlier (Fig. 2-6). For simulating the continuous SFBLG of urea, Cotabarren et al. (2010) also
reported the occurrence of oscillations of the PSD, mainly depending on the operation of the
sieves used for external separation. In their follow-up publication, Cotabarren et al. (2011)
motivate the need for process control by their findings regarding the occurrence of unsteady
operation regions for continuous SFBLG. Oscillations in the PSD were also reported from
further simulation studies of the continuous SFBLG process (Dosta et al., 2010; Biick et al.,
2011; Bertin et al., 2013). Based on the described simulation studies, control concepts were
developed, to prevent unsteady process behavior or to return a SFBLG process to the steady
state. Concepts to stabilize continuous SFBLG with internal separation (Palis et al., 2012),
external separation (Palis and Kienle, 2012, 2014) and concerning both discharge types (Biick
et al., 2015) were presented. Recent work on control concepts for continuous SFBLG
processes also included the effect of zone formation (spray and drying zone) on process
behavior (Dreyschultze et al., 2015; Blick et al., 2016b; Neugebauer et al., 2017). Applying a
bifurcation analysis to a 2-zone PBE model, Dreyschultze et al. (2015) reported a reduction of
the unsteady region for continuous SFBLG with external separation. Biick et al. (2016b)
confirmed these findings and presented a stability regime map for different sizes of the spray
zone. With internal separation, the influence of zone formation on process behavior was
moderate (Neugebauer et al., 2017). But Neugebauer et al. (2017) reported a dependency of
process stability on the volume flow rate of the sprayed liquid and the separation diameter of
the discharged product based on their numerical investigation. They defined a stable
parameter region, and a region, where self-sustained oscillations of the PSD occurred.
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Tab. 2-2. Selection of publications focusing on/mentioning PSD oscillations for SFBLG.

Year Author Comment
1998 Schiitte etal. German patent, only one set of experimental data for oscillating
mean diameter, without further interpretation and explanation
2002 Heinrichet  presentation of a PBE model; report of slight oscillations in PSD in
al. the start-up period in case of fine milling (external separation)
2003 Heinrichet ~ PBE model describing self-sustained PSD oscillations for fine
al. milling during external separation
2005 Drechsler et investigation of spray fluidized bed layering by simulation,
al. description of oscillations of PSD by simulation
2006 Radichkov bifurcation and stability analysis, presentation of parameter regimes
et al. for PSD oscillations and steady-state operation
2009 Vreman et presentation of one set of industrial data as a basis for simulations
al. showing oscillations of PSD for internal separation
2010 Cotabarren  simulations show oscillating PSD data
et al.
2010 Dostaetal.  description of PSD oscillations in simulation
2011 Buck et al. description of oscillatory regimes in simulations
2011 Cotabarren ~ PSD oscillations as an argument for the need of process control
et al.
2012 Palis and application of feedback control to stabilize simulations featuring
Kienle oscillating PSD for continuous SFBLG with external separation
2012 Palis et al. stabilization of continuous SFBLG with internal separation
2013 Bertinetal. PSD oscillations as an argument for the need of better models to
describe spray fluidized bed layering
2014 Palis and PSD oscillations shown and controlled for external separation
Kienle
2015 Bick et al. PSD oscillations as an argument for the need of feedback control in
simulations for continuous SFBLG with internal and external
separation
2015 Dreyschultze bifurcation analysis shows PSD oscillations for certain parameter
etal. regimes in case of continuous 2-zone SFBLG with external
separation
2016 Biick et al. stability analysis of continuous SFBLG with external separation
and zone-formation showed oscillations in PSD
2017 Neugebauer stability analysis of continuous SFBLG with internal separation and
et al. zone-formation showed oscillations in PSD
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Experimental observation of oscillations in PSD is rarely found in literature. Schitte et al.
(1998) and Vreman et al. (2009) each present one set of industrial data, featuring PSD
oscillations. Hoffmann (2016) presents six continuous SFBLG experiments, thereof five
conducted for 8-12 h and one conducted for 21 h of process time. He varies mass flow rate
and inlet temperature of the fluidizing gas simultaneously, impeding the identification of clear
influences of one process parameter on process stability. Due to the rather short process times
for continuous SFBLG processes and the focus of his work on batch experiments and product
quality, the experiments of Hoffmann (2016) served the experimental planning in this
dissertation in terms of investigated parameter regimes. A systematic experimental study of
SFBC has been presented by Hampel (2015). Here, the focus is on comparison between batch
and continuous operation and the resulting product quality. The experiments presented by
Hampel (2015) all reached the steady state within 10 h of process time, and no unusual
process dynamics have been reported. A systematic experimental investigation of the process
dynamics of continuous SFBLG was not yet presented.

Continuous SFBA has been modelled on the basis of the work of Hounslow (1990). He used
population balance equations to predict the resulting product PSD. He did not investigate the
process dynamics, as he only simulated the steady state behavior of the process. Boerefijn and
Hounslow (2005) elaborate on SFBA in general and present only one set of experimental
results to validate their model for continuous SFBA in steady state. Again, the transient
starting behavior and possible unsteady states are not considered. In the work of Blick et al.
(20164a) a simulation study of continuous SFBA is presented. They describe the occurrence of
damped oscillations in PSD for certain agglomeration frequencies and diameters of milled
oversize particles. But a systematic experimental study regarding SFBA, confirming the
simulation studies, was not found in literature.

2.5 Goal of the thesis

To overcome the shortage of experimental data published so far, this dissertation investigates
the process dynamics and the resulting product quality of continuous SFBLG and continuous
SFBA by systematic experiments.

For continuous SFBLG parameter regimes leading, on the one hand, to oscillating PSD and,
on the other hand, to steady state operation are identified. The effect of the variation of
process parameters like gas temperature, gas mass flow rate and spray mass flow rate on the
process behavior and product quality is investigated. Additionally, the effect of internal and
external classifying product discharge on process dynamics and particle properties is
examined. For experiments with internal classifying product discharge, also the classifying air
velocity is varied. Accordingly, for experiments with external separation the power level of
the mill is varied. In steady state experiments, the average granule growth rate is determined.
The average particle size, the average surface roughness and the porosity of the product
particles are defined as product quality aspects. Changes in process conditions are also linked
to changes in product quality.
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For continuous SFBA, an investigation similar to the continuous SFBLG experiments is
conducted. Process dynamics are investigated with respect to nuclei feed mass flow rate and
type of product discharge (internal or external classifying). According to the SFBLG
experiments, for continuous SFBA with internal separation, the classifying velocity is also
varied, and for external separation the mill power level is changed. The drying conditions
remain constant for this experimental investigation, as even small changes in drying
parameters jeopardize the ability of conducting the continuous SFBA experiments. Higher
spray rates and lower temperatures lead to excessive lumping and de-fluidization. Reduced
spray rates and increased temperatures nearly prevent the agglomeration process. For
experiments in steady state the average agglomerate growth rate is calculated. Again, the
effect of process conditions on product quality is investigated. The average product
agglomerate size is measured, and product particles of all experiments are compared
regarding their structure, using the concept of fractal dimension to describe the agglomerates’
level of compactness.
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The following chapter describes in detail the used measurement systems and methods, as well
as the evaluation of measured data to obtain product quality parameters. Product quality
parameters under consideration are particle size distribution and average particle diameter,
moisture content in the sense of mass fraction of water, and particle morphology, namely
granule porosity, granule surface structure, and agglomerate structure.

3.1 Particle size distribution

3.1.1 Theory

In particle technology, the probability distribution of particle size in a particle population is of
particular interest. A particle size distribution measures the fraction of particles smaller than a
certain particle size in terms of a certain quantity. For a size distribution, this quantity is
comparable to a geometric dimension, and denoted by the index r, that takes integer values
from zero to three:

e 0: number
1: length
o 2:area

e 3:volume

Normally, number and volume-based distributions are used. Equation 3-1 gives a verbal
definition of a normalized particle size distribution Qy:

type r quantity of all particles with d < d;

L) = ' 31
Qr () total type r quantity of all particles G

Qr is normalized with respect to the total type r quantity (for example: total volume for r = 3),
and, thus, takes values between zero and unity. The first derivative of the normalized
distribution function results in the normalized distribution density q;:

qr(d) = dd
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For a discrete measurement, the derivative has to be approximated by the difference quotient:

r di - {r di—
Qr(dm,i) ~ Q ( d)l — CQii_(l 1) . (3_3)

A verbal definition of the normalized particle size distribution density g is:

particle fraction of type r quantity between d; and d;_,

qr (dm,i) = (3_4)

interval width d; — d;_4

An example of a particle size distribution and distribution density is given in Fig. 3-1. The
particle size distribution density g, is always plotted over a mid-diameter dy, i, characterizing
the middle of each size class, which is defined by d; and d;.;. The unit of a normalized particle
size distribution density function is always mm™. For r = 3, the nominator of Eq. 3-4 is a
volume fraction, and consequently has the unit 1. The denominator of a particle size
distribution density is always a difference in mm.

5.0 - 1.0

4.0 - QT,I:—QT,I:— - 0.8
_ QT(dm,iJ ~z di — di—ll
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d/d,, [mm]

Fig. 3-1. Example of a particle size distribution density g, and a particle size distribution Q.

To further characterize particle size distribution densities, statistic moments are used. The k™
normalized moment . of a size distribution is defined as:

dmax

o = f d*q,(d)dd (3-5)
do
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and describes an expected value of the distribution. For k=1 the mean particle size is
calculated. For a discrete set of data, Eq. 3-5 becomes:

N
iy ~ ) dl () (e = diy) (3-6)
i=1

On the basis of moments, several mean particle diameters can be calculated. Following DIN
ISO 9276-2, a mean particle diameter is calculated by:

Ay = k\/ Hir - (3-7)

In this work, the weighted average particle size of the volume distribution density qs, d 3,
further named average particle size, is used to describe a distributed particle size by one
characteristic value:

N
dia=t13~ ) dids(dm)(di = diy) (3-9)

=1

Furthermore, the standard deviation of a particle size distribution o, is also calculated on the
basis of statistic moments:

Or = ’MZ,r - :u%,r : (3_9)

For characterization purposes, different percentile diameters d,y, are often used, defined as:

Qr(d < dyyy) = xy % . (3-10)
Y,

Thus, at the median diameter dso3 of a volume based PSD, 50% of the particle volume
belongs to particles smaller than or equal in particle size to dsg 3:

Qs(d < dsg3) = 50% . (3-11)

Percentile diameters can be commonly read directly from the measurement data by
interpolation. But using only one percentile diameter as representation for a whole
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distribution would neglect its shape. Thus, dio3and dgg 3 are often stated to give an impression
of the width of the distribution. However, using definitions of average particle diameters
based on moments (Eq.3-8) takes the complete distribution into account. In particle
technology, the Sauter diameter:

Uz 0
Aoy = —— 3-12
2= ( )

is often used, which also considers the influence of the shape of the whole distribution. But
for this dissertation, the d; 3 was chosen as average particle diameter, due to its quantitative
similarity to the xso 3, which was initially used to interpret the results from this dissertation. A
comparison of the different particle diameters for one set of experimental data is given in the
appendix (Fig. B-1, p. 140).

3.1.2 Measurement

Particle size measurement was done with an optical system called Camsizer (Retsch
Technology, Germany), Fig. 3-2 (left). The particles were fed to the measurement cameras by
a vibration chute. The particles fell freely in front of the charge-coupled device (CCD)
cameras, and their two dimensional projections were recorded. Different evaluation methods
were possible (Fig. 3-2, right, adapted from: Retsch Technology, 2017). For this dissertation,
the area-equivalent circle diameter was measured, because it considers all dimensions of a
particle. By dividing all occurring diameters into classes, the normalized particle size
distribution density qs was calculated by the measurement system. Applying Eq. 3-8, the
average particle size d; 3 was then calculated from the g data.

|l — e
o — | A

CCD
camera evaluation min
particle projection ]
F 3
~4|
Y

Fig. 3-2. Optical particle size measurement with a Camsizer (left). Measurement and
evaluation (right, adapted from: Retsch Technology, 2017): dmax = Feret diameter,
dmin — Width of particle, d — area equivalent circle diameter; dmin < d < dmax.
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3.1.3 Steady state determination

To decide, if and when a continuous SFBLG or SFBA experiment reached the steady state,
the temporal evolution of the average particle size d; 3 was used. When d; 3 was constant, the
experiments were assumed to have reached steady state (example in Fig. 3-3, top). As
experimental values often fluctuate, even in steady state, a criterion needed to be developed to
decide, if and when d; 3 could be considered constant. Occasionally, the experiments had to be
interrupted to clean the spray nozzle, etc. Especially for the continuous SFBA experiments,
process breaks led to steps in the graph of d; 3. Consequently, the developed method needed to
be able to recognize the onset of a steady state, as well as the interim terminations of the
steady state due to process breaks.

In this work, the coefficient of variation CoV was used to determine the onset and the
termination of a steady state. To assess the onset of steady state, forward-averaging of m
values of d; 3 was applied. First, for every value in the vector of d; 3 (number of entries of the
vector equals the number of samples taken during an experiment), except the last m-1 values,
the average of m values was calculated to form a new vector d;3.. Each value djzayj Was
calculated as follows:

j+m-1
Zi:j dy3;

— j=1.1—-(m-1), (3-13)

d1,3,av,j =

with | being the total number of values in d; 3. An example from continuous SFBA with m = 3
is given in Fig. 3-3, top. For nearly all SFBA experiments, the steady states were determined
for m = 3. For one experiment, m = 6 had to be used for the determination of steady state. For
the continuous SFBLG experiments, the steady state was determined with m =4, when
samples from the product were used, and with m = 16, when samples from the bed were used.

In a second step, the sample standard deviation osamj for each averaged set of d;s was
calculated by:

j+m—1 2
_ \/Z{_Jm (d1,3,i - d1,3,av,j) (3_14)
Jsam,j - m—1 .

From Eqgs. 3—13 and 3-14 the CoV; for each step of m values of d; 3 was calculated as follows:

(3-15)
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The onset of steady state was then defined, if the CoV was smaller than a critical value, which
was set for each experimental series according to the process parameters. For SFBLG the
critical value for CoV was 2-6%. For SFBA the critical value of CoV ranged from 1.6-12%.
As agglomeration was the faster process, larger particle sizes and consequently larger
fluctuations occurred. Thus, also the critical CoV value to determine the steady state had to be
increased.

As stated above, for some experiments — especially the agglomeration experiments — process
breaks led to temporary termination of the steady state. Upon restart, the experiments reached
the steady state again after some time. Thus, the steady states were determined sequentially
over the process time. The beginning of a steady state was determined as described above,
with a forward definition of d; 3, (EQ. 3-13). This means, for example calculating the first
average value dj a1 With m =3 takes the values 1-3 from vector d; 3 for calculation. The
second average then is calculated from values 2—4, and so on. If the same definition was used
to determine the endpoint of a steady state due to process breaks, the CoV would already vary
too strongly m-1 values before the steady was actually terminated. This was prevented by
backwards-averaging of the average particle diameter to:

J e
i=j— 1%1,3,1 i -
d13avpaj = — ”T‘; j=m.1, (3-16)

with | being the total number of values in d; 3. This means, the calculation of an average value
needs m-1 predecessor values. For m = 3, the first average that can be calculated is dj 3 avpa3
using the values 1-3 of vector d; 3. With this definition, the CoVy,, immediately changes when
leaving the steady state. The osampa @and CoVy,, Were calculated as described in Egs. 3-14 and
3-15, exchanging dy 3 ay for di 3avpa- Thus, the forward definition was used to find the onset of
steady state, and the backward definition was used to determine the endpoint of a steady state.
Onset and endpoint were determined using the same critical value for CoV and CoVya.

An example for m = 3 and the steady state criterion CoV < 3% is given in Fig. 3-3. The first
steady state period is determined for CoV < 3% at 0.4 h (Fig. 3-3, bottom, first blue dot). The
endpoint of this steady state period is found for CoVy, < 3% at 3.0 h (last black square in the
first steady state period). The next starting point (first blue dot in the second steady state
period in Fig. 3-3, bottom) is found at 3.2 h, and the according endpoint (last black square) is
found at 6.8 h. Comparing the steady state times to the graph of d;3 (Fig. 3-3, top) yields
good visual agreement of the steady state determination. The presented method is limited by
slow drifts in the average particle size, which are also recognized as steady states, depending
on the critical value chosen for CoV. But the occurring drifts (compare Fig. 3-3, bottom:
second steady state) were comparable small, and, thus, the method was applied.
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3.1 Particle size distribution
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Fig. 3-3. Steady state determination based on an example (SFBA): Averaging of 3 values of
dy 3 (top). CoV and steady state determination (bottom). Onset of steady state for CoV < 3%
(first blue dot in each steady state period). Endpoint of steady state for CoVy,, < 3% (last black
square in each steady state period). Two steady state periods determined: 0.4-3 h and 3.2—
6.8 h.
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3 Measurement methods

3.1.4 Average particle growth rate

In addition to the particle size, also the time and the rate in which the particles achieve their
size are interesting. For continuous SFBP running in steady state, the average growth rate is
defined by the difference in diameter from start to product discharge divided by the average
particle residence time in the fluidized bed. The average residence time ¢ of particles is
estimated as:

Mbedss
¢ = bedss 3-17
Mprod,ss ( )

with the average bed mass during steady state Mpegss and the average product mass flow rate
during steady state Mprass. The average particle growth rate in steady state Gy is then
calculated by the difference in particle size from start to product discharge, divided by the
average residence time z:

_ d1,3,prod,ss - d1,3,0 (3-18)
- .

Gav

As the seed particles for layering granulation were formed internally, the starting size was
defined as zero (disswart = 0) for the SFBLG experiments. For the SFBA experiments, the
primary particle size was set for di3o. The growth rate G, is a rough estimate of the real
growth rate in practice, as it includes averaging of the bed mass, the product mass flow rate
and the particle sizes. Nevertheless, the average growth rate characterizes from an engineering
point of view, how fast a process generates particles with the desired size.

3.1.5 Period time determination

For experiments with sustained oscillations in the PSD, the period times between the
oscillations were determined (Fig. 3-4). Therefore, the maxima of the plot particle size d; 3
over process time were located. The period times of oscillation were defined as the time
between the maxima. For each experiment with sustained oscillations in the PSD, an average
period time was calculated as the arithmetic mean of the determined period times.
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3.2 Particle moisture content
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Fig. 3-4. Determination of period times for experiments with sustained oscillations in the
PSD. Left: Exemplary temporal evolution of gs. Right: d; 3 over process time, maxima marked
with o.

3.2 Particle moisture content

The moisture content was determined by thermogravimetric analysis with a drying oven
(Memmert GmbH, Germany, model: ULP 500) and an analytical balance (Sartorius AG,
Germany, model: MC 1). At first, the mass of the empty sample holder was determined. Then,
the wet sample was placed in the sample holder and the mass was measured again. After
weighing, the sample was placed in the drying oven at 105°C. After 24 h the sample was
sealed and cooled down. The mass of the cooled sample holder including the dry material was
determined. The mass fraction of water (wet based) — here named moisture content — was
calculated as follows:

Mwet - Mdry

, (3-19)
Mwet - Msh

Xy =

with the mass of the sample holder including the wet and the dry particles, Myer and Mary
respectively, and the mass of the empty sample holder Mg,. In general, several samples taken
from the fluidized bed and the product were measured. The average mass fraction of water
Xw,av Was calculated for bed and product samples separately as follows:

_ L (3-20)

xw,av - m ’

with the number of samples m.
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For the average moisture content of the particles in the fluidized bed, usually 5-15 samples
were measured. The average mass fraction of water of the product particles was usually
calculated from the measurements of 5-10 samples.

3.3 Granule porosity

The measurement of particle porosity was only done for granules obtained by SFBLG. The
characterization of the morphology of agglomerates was performed by fractal dimension
(Section 3.5). The particle porosity was measured via two methods. For several samples, the
porosity was measured using micro-computed tomography (u-CT). As this technique is very
time consuming, an alternate method was used for the majority of the samples: The particles
were weighed with a micro-balance and their size was measured with a scanning electron
microscope (SEM). Knowing the true solid density of the particles (= solid density excluding
pores, see: Section 3.6.3, p. 50), the porosity was calculated from particle volume and particle
mass (Eqg. 3-23).

3.3.1 Definitions

Two kinds of porosities are important in particle technology. The bulk porosity ¥k denotes
the fraction of the free volume between the particles in relation to the volume of the whole
bulk. It is calculated as follows:

P = 1 — =2, (3-21)

with the total particle volume V,; and volume of the whole bulk Vpyi, including the spaces
between the particles. In contrast, the particle porosity ¥, gives the fraction of the free volume
(pores) in relation to the total volume of a single particle. ¥, is calculated as:

(3-22)

KBS

with the volume of a single particle V, and the volume of the pure solid Vs, excluding pores.
Depending on the method, the volume of the solids in a single particle Vs, excluding the pores,
Is hard to measure. Here, the volume can be replaced by the particle mass m, and the true
density of the solid material ps:
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3.3 Granule porosity

mpy
t=1- (3-23)

For this work, particle porosities were measured by micro-computed tomography
(Section 3.3.2) and a mass-volume method (Section 3.3.3).

3.3.2 Measurement via p-CT

To obtain the particle porosity, three particles from each sample under consideration were
individually scanned using micro-computed tomography (u-CT). Then, the resulting three
porosity values were averaged. For the measurement, each particle was glued on a sample
holder, and positioned in front of the X-ray source (Fig. 3-5). The intensity of the X-rays was
measured behind the sample holder by a detector. Based on the intensity profile, a 2-D
grayscale image of the particle and its surrounding was calculated. The sample holder was
incrementally rotated up to 360° and each resulting image was saved. A 3-D model of the
scanned particle was then reconstructed from the stack of 2-D images.

X-ray source

detector

Fig. 3-5. General function of u-CT (Sondej et al., 2015).

Before each measurement, the tomograph (ProCon X-ray GmbH, Germany, model: CT
Procon alpha 2000) was warmed up and the X-ray source (filament) was adjusted. Then, the
particle was placed on the sample holder and the measurement parameters (Tab. 3-1) were
set. The measurement was controlled by the software Volex (Fraunhofer Institute for
Integrated Circuits, Erlangen, Germany) and took four hours for each particle.

After the measurement, a separate reconstruction step was started, calculating the 3-D model
of the scanned particle from the stack of 2-D images. From the 3-D model the particle
porosity was obtained using the software MAVI (Fraunhofer Institute for Technical and
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Industrial Mathematics, Kaiserslautern, Germany), following the evaluation steps described
by Sondej et al. (2015). These steps include (Fig. 3-6):

(1) Cropping of the reconstructed model (particle + surrounding) to the size of the
particle. To neglect overlapping of particle and sample holder, only the top half of

each particle was investigated.

(2) Binarization of the gray-scale model. Here, a threshold gray value in the range from
1150 to 2047, allowing for a separation of the granule from the background, was set,

assigning each voxel (3-D pixel) to either the solid or the void phase.
(3) Segmentation and removing of background noise.

(4) The volume of the remaining solid Vs (top half of particle without pores) was

measured by the software by counting the voxels.

(5) A closing algorithm was applied, giving the total volume V, of the top half of the
particle (including pores). In this work, the ball element (size range 4-7) was used as a
closing element. The respective size was chosen to achieve full closure of the particle

surface.

(6) Using Eq. 3-22, the particle porosity was calculated.

Including warm-up of the tomograph, sample preparation,
measurement, reconstruction and evaluation of the images, the measurement of each particle
took about 5-5.5 h. Three particles were scanned and evaluated individually for each sample
under consideration. Due to this time demand, only one series of experiments (SFBLG with
external separation and varied drying conditions, Tab. 5-5, p. 100) was investigated by p-CT,
and an alternate method to obtain the particle porosity (Section 3.3.3) was developed for all

experiments.

Tab. 3-1. Measurement parameters for u-CT.

Parameter Value
Exposure time 3s
Averaging 3 images
Voltage 45 kv
Current 90 pA
Energy 41W
Position sample/detector 675/0 mm

Number of projections (rotation increments)
Voxel (pixel in 3-D) size

Measurement time

1200 (equals 0.3° increments)
1.5 um (edge length)
4 h
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Fig. 3-6. Steps to evaluate u-CT measurements.
3.3.3 Measurement via mass and volume

Knowing the mass, total volume and true solid density of a particle, the particle porosity is
calculated by Eq. 3-23. At first, the masses of 10 single particles per sample were determined
with a micro scale (Sartorius AG, Germany, model: M2P, resolution: 1 pg). Each particle was
weighed five times. All 10 particles were glued on a sample holder and prepared for scanning
electron microscopy (SEM). Therefore, a conductive, 2 nm gold/palladium layer was applied
to the particles by sputter coating. Then, the sample holder was placed in the microscope
(Phenom World BV, Netherlands, model: G2 Pro). Gray-scale images of the particles were
taken, considering following aspects:

o Ideally only one particle was visible per picture. If parts of other particles were in the
picture, they had to be not in contact with the particle under consideration.

e The auto focus of the SEM was used for general focus and was then deactivated. The
focus was shifted manually towards the edge of each particle, to allow for a better
binarization and separation of particle and background later on.

The obtained images were then evaluated with the MatLab software (The MathWorks Inc.,
USA, version: R2014a). The following steps were executed during the evaluation of the SEM
images (Fig. 3-7):

(1) Binarization of the gray-scale image. The edges of the particle are detected and a
threshold gray value is set, separating the particle from the background.

(2) Dilation of the binarized image. Gaps in the particle perimeter are closed.

(3) Filling of the particle contour. Cropping of unwanted elements.

(4) The resulting area (particle projection area) is measured in number of pixels.

(5) Calculation of a diameter of a circle with the same area (in pixels).

(6) Applying scale from image (pixel to um) to calculate particle circle diameter (in um)

(7) Calculation of the volume of a sphere with this diameter.

(8) Calculation of particle porosity with Eq. 3-23.

Including particle weighing, sample preparation for SEM, SEM measurement, and evaluation
in MatLab, the total measurement time of 10 particles per sample was approximately 2.5 h.

41



3 Measurement methods

The average granule porosity Psemav Was then calculated by the arithmetic mean value of the
m = 10 measurements:

m .
Ziz1 ¥pi. (3-24)

Ysem =
,av m

The empirical standard deviation of the m = 10 measurements was then calculated:

2
_ Z?;1(1PSEM,1' - qJSEM,av) (3-25)
O-em,lll - m—1 '

[ = —
Original image (1) Binarization  (2) Dilation (3) Filling + (4-6) Area-equivalent
cropping circle diameter

Fig. 3—7. Steps to obtain the particle diameter for volume and porosity calculation.
3.3.4 Comparison of the porosity measurement methods

The porosity calculation by measuring mass and volume resulted in more distinctive porosity
values. For continuous SFBLG with internal separation, values in the range of 16.4-48.8%
were measured (Tab. 4-6, p. 74), which were in qualitative accordance with the findings of
Rieck et al. (2015). The values were slightly different, due to the dependency of the layer
porosity on the core material, as reported by Rieck et al. (2015) for non-porous glass beads
and porous y-Al,03 spheres. The findings regarding the porosity of sodium benzoate layers
were also confirmed qualitatively for continuous SFBLG with external separation. The
porosity values lay within the range of 17.8-28.7% (Tab. 5-5, p. 100).

The porosity measurement via u-CT yielded values of 28.9-33.7% for continuous SFBLG
with external separation (Tab. 5-5, p. 100). The values were indistinctive, regardless of the
drying conditions. A dependency of the particle porosity on the drying potential (Eq. 2-10,
p. 17), as described by Rieck et al. (2015) for coating with sodium benzoate solution, could
not be observed for the values measured via p-CT. But the surface structure of the particles,
visualized by SEM images, agreed with the findings of Rieck et al. (2015). A possible source
of error for this discrepancy is the resolution of the u-CT. The pores in the center of a granule
were rather small (Fig. 3-6, left), and possibly smaller than the minimal voxel size of the
measurement system of 1 um. If the pore sizes were smaller than the minimum resolution, the
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3.4 Granule roughness

measured voxels could not be assigned correctly to either the solid or the void phase. Hence,
similar values for the granule porosity could be the result. Additionally, the measurement was
conducted at a voxel size of 1.5 pm (Tab. 3-1), due to constraints in sample positioning,
image contrast, and power level of the X-ray source. A specific reason, why the porosity
values measured by p-CT exceeded the values obtained by the mass-volume-method, could
not be found.

The calculation of porosity, based on the measurement of volume and mass of a particle, has
been considered to yield more reliable results for the particle porosity of sodium benzoate
granules, than the measurement via p-CT.

3.4 Granule roughness

The roughness of a granule influences its flow properties, dissolution kinetics, etc. This
section presents a method how to assess the roughness of a granule from its 2-D projection.

3.4.1 Theory

The presented method is based on the understanding of roughness in mechanical engineering.
The quality of the surface of machine elements is characterized, among others, by different
roughness values, i.e. the arithmetic mean roughness R,. The arithmetic mean roughness gives
the mean of the absolute value of the deviation of points of the surface to a planar base line
for a given measurement length sp, and, thus, is always positive (Fig. 3-8):

Sm
1
R, = —f |z(x)|dx . (3-26)
Sm
0

base line

arithmetic mean
roughness R,

Fig. 3-8. Definition of arithmetic mean roughness of a surface profile.

Adapting the concept of arithmetic mean roughness to irregular, spherical-like granules,
requires the definition of a suitable base line. Accounting for the deviation of the granules’
form from ideal spheres, in this work, an ellipse with the same normalized second central
moment as the particle projection was defined, and served as base line for the roughness

43



3 Measurement methods

calculation (Fig.3-9). A description on how to operate with central moments in image
analysis is given by Belkasim et al. (1991) and Flusser and Suk (1993). The average granule
roughness R was calculated as the average of the absolute value of the distance of all m pixels
of the perimeter U, to the base line E:

1 m
Rz—Zﬁ. 3 97
o @-27)

projection area of granule
' and perimeter U

Fig. 3-9. Adaption of the arithmetic mean roughness concept to particle technology.
3.4.2 Measurement and data processing

The analysis of roughness was done with the same SEM images, which were taken for the
porosity measurement (Section 3.3.3). The sample preparation and operation of the SEM was
described in Section 3.3.3. The SEM images were then evaluated with the MatLab software
(The MathWorks Inc., USA, version: R2014a). The following steps were executed to obtain
the granule roughness (Fig. 3-10). Steps 1-4 are equal to the procedure of determining the
granule porosity (Section 3.3.3):

(1) Binarization of gray-scale image. The edges of the particle are detected and a
threshold gray value is set, separating the particle from the background.

(2) Dilation of the binarized image. Gaps in the particle perimeter are closed.

(3) Filling of the particle contour. Cropping of unwanted elements.

(4) The resulting area (particle projection area) is measured in number of pixels.

(5) Defining an ellipse with the same normalized second central moment as the projection
of the granule.

(6) Calculation of the distance of perimeter and ellipse (in pixels).

(7) Application of the scale (pixel to um) from the SEM image to obtain a roughness
profile.

(8) Calculation of the averaged absolute value of the distance calculated in steps 6 and 7
as average granule roughness (in um, Eq. 3-27).
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Fig. 3-10. Steps to obtain the roughness profile of a granule. The average roughness R of the
granule was calculated as the averaged absolute distance of perimeter and ellipse.

The roughness obtained by this method resembles the deviation of the granule from a smooth
ellipsoid. Due to image resolution, the practicable minimal peak height detected was about
1 pm.

In total, the roughness of m =10 particles per experiment was determined. The average
roughness R,y and empirical standard deviation oem g Were calculated analogously to the values
for the particle porosity from Egs. 3-24 and 3-25, respectively, exchanging Ysem by R.

3.5 Fractal dimension of agglomerates

3.5.1 Theory

The concept of fractal dimension was introduced by Mandelbrot (1983) to describe naturally
occurring, irregular and fractured objects. A fractal is a fragmented or rough geometric shape,
which is self-similar. This means, parts of the geometric shape are similarly formed like the
original shape, and only reduced in size (Foroutan-pour et al., 1999). The fractal dimension D¢
quantifies the roughness of the shape under consideration. Compact structures tend to have
higher values than open, porous ones. Different methods are available to empirically obtain D¢
from images. The Dy value of a curve can be determined with the method of lines, where a
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successively increasing number of horizontal lines intersects with the curve, and the original
image is recreated by the intersections (Hyslip and Vallejo, 1997). For planar areas and 3-D
objects, the box-counting method is usually used to obtain Ds (Walsh and Watterson, 1993;
Foroutan-pour et al., 1999). The box-counting method in this work is based on the description
of Foroutan-pour et al. (1999).

Firstly, the image of the agglomerate under consideration has to be square. Then, a grid of
square boxes is applied to the image, and all boxes intersecting the area of the agglomerate
Npox are counted (Fig. 3-11). This step is repeated for successively finer grids with the box
size:

1

Sbox,i = -1 Sbox,1

(3-28)

with the length/width of the square starting image Spox 1, and the number of calculation steps i.
The number of boxes Npox then is proportional to the box size syox to the power of —Dy (Walsh
and Watterson, 1993):

Npoxi~Spas - (3-29)

box,i

In a double logarithmic plot of Nyoyi OVer S, the slope of the curve equals the fractal
dimension Dy. In practice, the first two calculation steps (i = 1, 2) are neglected. For i = 1, the
box size equals the size of the total squared image, and Nyox 1 always equals unity. For i =2,
the grid applied to the image consists of four boxes. In most cases, Npox 2 then equals three or
four. Due to the similarity of the results for Nyox1 and Npox2, regardless of the agglomerate
structure, these two calculation steps are neglected. Also Foroutan-pour et al. (1999) report
25% of the original image width as maximum box size (here: i = 3). Thus, the maximum box
size for this investigation was set to 0.25-Spox1, Which means the box counting method is
started with i = 3. The minimum box size is limited by the image resolution. The smallest box
must at least be one pixel wide, setting a theoretical limit. In this work, i = 10 was set as the
limit for calculation steps, and thus the minimum box size was 512 sp0x1 (EQ. 3-28). As the
images generally have a starting width (Spex1) of more than 1000 px, the minimum box size
usually was 2—3 px.

The expected limits of a 2-D fractal dimension are unity and two. D; =1 is the theoretical
limit for a line, and Ds = 2 is the limit for a full, regular area like a square or circle. Values in
between indicate a roughness profile on the surface of the particle, or here: a rough perimeter.
The closer D; gets to unity, the more open, irregular and rough is the particle under
consideration. Dy approaching the value two indicates a more compact and smoother surface
structure.
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r r |
Fig. 3-11. Box-counting method. Grids shown for i = 3 (left), i = 4 (middle), and i = 5 (right).
Boxes intersecting the area of the agglomerate are counted (here: colored transparent red).
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3.5.2 Measurement

For every sample, images of 10 agglomerates were taken by a light microscope (Olympus
Corporation, Japan, model: SZX2-1LLD, lens: SDF PLAPO 1XPF). The white agglomerates
were placed on black paper, and manually positioned below the lens. The reflected light was
recorded by a digital camera, and the final image was saved manually on a measurement PC.

3.5.3 Data processing

The calculation of the fractal dimension Ds from light microscope images was done with
MatLab (The MathWorks Inc., USA, version: R2014a). Following steps were part of the
algorithm (Fig. 3-12):

(1) Converting the original image to a gray-scale image.

(2) Binarization of the gray-scale image. The edges of the particle are detected and a
threshold gray value is set, separating the particle from the background.

(3) Dilation of the binarized image. Gaps in the particle perimeter are closed.

(4) Filling of the particle contour. Cropping and squaring of image.

(5) Applying a set of grids on the image and applying box counting method for i = 3...10.

(6) Calculation of fractal dimension (Eq. 3-29).

In total, the fractal dimension of m = 10 agglomerates per experiment was determined. The
average fractal dimension Ds,, and empirical standard deviation oempr Were calculated
analogously to the values for the particle porosity from Eqgs. 3-24 and 3-25, respectively,
exchanging Ysgwm by Dy.
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Fig. 3-12. Steps to obtain the fractal dimension of an agglomerate.

3.6 Further measurement techniques

This section covers measurement systems which are not directly connected to the product
quality. The measurement of the gas moisture content during fluidized bed experiments via
dew point meter and infrared-spectrometer is described. The gas moisture contents are
necessary to characterize the conducted experiments psychrometrically. Additionally, a gas
pycnometer for the measurement of true solid densities is presented. The measurement of the
true solid density was necessary for the calculation of the porosity via mass and volume
(Eq. 3-23, p. 39, and Section 3.3.3, p. 41).

3.6.1 Gas moisture content via dew point meter

A dew point meter (Michell Instruments GmbH, Germany, model: Optidew Vision) was used
to determine the inlet gas moisture content during fluidized bed experiments. Its main
component was a chilled mirror element. The measurement air was led over the mirror, and
the reflection of a laser beam from the mirror was measured. When the mirror reached the
dew point temperature of the measurement gas, water started condensing on the chilled mirror
surface and the reflection signal of the laser beam was reduced (Michell Instruments, 2014).

Knowing the dew point temperature of the gas, which is a saturation temperature Ty, the
respective saturation vapor pressure psa Was calculated in mbar using a Magnus equation:
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(Cif;:;t) ’

Dsat = C1€ (3_30)

with the constants C; =6.11213, C, =17.5043, C3 =241.3°C (valid for -30°C < Ty <70°C,
Laube and Holler, 1988). The saturation pressure was used to calculate the moisture content,
in this case of the inlet gas, Yin:

Psat
Y, =0622——, 3-31
" Pt — Psat ( )

with p; being the total pressure in the measurement device.
3.6.2 Gas moisture content via infrared-spectrometer

The outlet gas moisture content was measured with the infrared (IR) spectrometer NGA 2000
(Emerson Process Management Co., USA, type: MLT3 T — IR). The measurement was based
on differences in absorption of infrared radiation. The type of gas was characterized by the
gas-specific wavelengths of the absorption bands. The concentration of the component under
consideration (here: water) was determined by the strength of absorption. A heat coil provided
the necessary infrared radiation for the measurement (Fig. 3-13). The measurement system
had two channels, supplied with similar amounts of infrared radiation from the same source.
The reference channel measured the absorption bands of the original radiation. The
measurement gas was led through the second channel, alongside with the infrared radiation.
From the difference in the absorption intensity, the detector determined the amount of water
present in the measurement gas, Yot (Emerson Process Management, 2008). Knowing both,
the inlet (Section 3.6.1) and outlet absolute gas moisture content, the drying potential was
calculated (Section 2.2.4, Eq. 2-10, p. 17).

A V.
N N% /
AN N 74
A N g
A 3 N
N \

Fig. 3-13. Measurement setup of an IR. Main parts: (1) heat coil, (2) measurement channel,
(3) reference channel, (4) detector and amplifier (adapted from Emerson Process
Management, 2008).
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3 Measurement methods

3.6.3 Solid density via gas pycnometer

The true solid densities of several materials were measured with a gas pycnometer (Grabner
Instruments, Austria, model: Minidens TCO). A gas pycnometer operates by detecting the
shift in pressure caused by solid objects (Fig. 3-14). Therefore, the total volume of solids Vs;
was filled in a sample holder with the volume V.. The sample holder was placed in a chamber
with a known volume (V) at a known pressure (p1). An integrated balance measured the mass
of the solid particles Ms. In a second chamber of known volume V, the pressure was increased
to p,. After opening the connecting valve, an equilibrium pressure p; resulted, depending on
the free and occupied volume in chamber 1. As the number of molecules did not change
during this transition, following the law of ideal gases yielded (Webb, 2001):

P (Vi =Ven=Vsr) + 02 Vo =3 (Vi = Vep—Vse + V2) (3-32)
(M + V) —py- (Vy = V) —py - V.
Ve, = ps- (W ) —p1- (N sn) — D2V . (3-33)
. P3 = D1 . .
Knowing the mass of the particles M, the true solid density was calculated:
_ M 3-34
Ps = Vs,t : ( — )

The calculations described above were carried out within the measurement system. Only the
solid densities were recorded. In this work, all densities were measured in triplicate, and the
average value was calculated.

Fig. 3-14. Measurement principle of a gas pycnometer (adapted from Webb, 2001).

50



4 Continuous layering granulation with internal
separation

This chapter is an extended version of Schmidt et al. (2015b). Here, the results regarding the
process behavior and product quality during continuous SFBLG with internal separation are
presented. Two series of experiments were conducted. In the first series, varying classifying
velocity resulted in different bed hold ups, influencing the process dynamics, and the bed and
product particle size. In the second series, the drying parameters (inlet gas temperature, spray
mass flow rate, fluidizing gas mass flow rate) were varied to obtain different overspray,
nucleation and drying behavior, which influenced the overall process behavior and the particle
morphology.

4.1 Materials

All granulation experiments were conducted with sodium benzoate (Trigon Chemie GmbH,
Germany, type: sodium benzoate SP, Food Grade, Kosher). Sodium benzoate is the sodium
salt of benzoic acid (C7HsNaO,). It is a white powder, mainly used as preservative, anti-
microbial additive, fungicide, or flow additive in tableting. Its E- and CAS-number are 211
and 532-32-1, respectively (Trigon Chemie GmbH, 2014). The true solid density of
1475 kg-m™ was measured as described in Section 3.6.3 (p. 50).

For the continuous SFBLG experiments, a spray solution and an initial filling of the fluidized
bed with granules had to be provided. The spray solution with a mass fraction of sodium
benzoate xnas ~0.3 was prepared from the original sodium benzoate powder, sodium
benzoate granules produced in former experiments, and tap water (xy = 0.7). Granules from
former experiments were also used as initial filling for the experiments. For the first series of
experiments with varying classifying volume flow rate, the initial bed filling was prepared by
sieving the granules by two screens (mesh width 100 um and 600 um) to the particle size
fraction 100-600 um, resulting in an average particle size of di3seriess =400 um
(Section 3.1.1, Eqg. 3-8, p.31). For the second series with varying drying conditions,
parameters were adjusted and the initial feed granules were sieved to the fraction 100-500 um
with two screens (mesh width: 100 um and 500 pm), resulting in an average particle size of
d1 3series2 = 300 um. In both cases, the initial feed granules were characterized as Geldart
Group B particles (Section 2.1, p.5), and, thus, were easy to fluidize. In every diagram
showing the temporal evolution of g3 over process time (Section 4.4, p. 56; for example
Fig. 4-2), the curve at t = 0 represents the PSD density of the initial feed granules.
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4 Continuous layering granulation with internal separation

Estimating a particle porosity ¥, of 25%, and considering the particle porosity in the
calculation of the particle density p, from the true solid density ps (pp = (1-%p)ps), the
minimum fluidization velocity (Eg.2-4) and elutriation velocity (Eg.2-7) of sodium
benzoate granules, depending on the particle diameter, are given in Tab. 4-1.

Tab. 4-1. Minimum fluidization velocity and elutriation velocity for sodium benzoate
granules. Estimated ¥, = 25%, Tgas,in: 130°C.

dy 3 [um] Uns [M's7] Uiy [M-s™]
100 0.004 0.22
500 0.09 2.31
600 0.12 2.79

4.2 Experimental setup

The experiments were conducted in a cylindrical, pilot-scale fluidized bed plant (Pergande
Group, Germany, Fig. 4-1). The diameter of the fluidized bed was 300 mm. The particles
were fluidized by heated ambient air. Two fans (Elektror airsystems GmbH, Germany, type:
HRDG65FU-100/7,5) allowed for control of mass flow rate and pressure inside the plant. Dust
was separated from the outlet air by a cyclone and recirculated to the fluidized bed. After
passing a bag filter, the fluidizing air was used again in closed loop. Waste moisture was
removed from the air by a condenser at a controlled cooling temperature of 12°C. The dried
air was heated and used again for fluidization. To prevent an accumulation of gas in the plant
due to additional input of atomizing and classifying air, a small fraction of the process air was
led out of the process through a purge valve. An external feed tank and screw pump
(ALLWEILER GmbH, Germany, type: AEB 4H 12) supplied the two-fluid nozzle (Schlick,
model 940, liquid orifice diameter: 0.8 mm), which was installed in top-spray configuration at
a distance of 420 mm above the distributor plate of the fluidized bed, with the spray solution.
Compressed air was used for atomization (air cap position: 2.5) creating droplets with a size
of approximately 40 um. The distributor plate was made from sintered metal and had a pore
size of approximately 100 um. The discharge of the granules was realized by the centered
classifying tube at the bottom of the fluidized bed. Here, compressed air was used for
separation, which was heated to prevent condensation in the tube and in the granulation
chamber. The classifying tube had an inner diameter of 44 mm and a length to the entrance of
the classifying air of 720 mm. For the first experimental series, the product particles were
transported via pneumatic conveyer to the storage box. Due to excessive breakage and
comminution in the conveyer, the setup was changed for the second series. There, the product
particles directly fell into the product storage after leaving the classifier and the pneumatic
sluice gate at the end of the classifying tube. In both cases, the product container was standing
on a scale to measure the product mass Mproq cOntinuously.
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4.3 Experimental plan

The inlet and outlet gas temperature, the gas temperature in the bed, the temperature of the
condenser, the inlet and outlet gas moisture content, the plant pressure, the pressure drop over
the fluidized bed, the air and liquid pressure of the nozzle, all gas mass flow rates, the total
spray mass flow rate and the product mass were measured and recorded in a process control
system (PCS, Siemens AG, Germany, type: WinCC).

fan
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supply air
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dust recirculation condenser
atomizing air 7
u
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feed @
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Fig. 4-1. Continuous SFBLG plant with internal separation setup.

-
classifying air

4.3 Experimental plan

Two series of experiments were conducted. Every experiment in each series was started with
the same material with similar particle size distributions. In the first series, the drying and
fluidizing parameters were kept constant, and only the classifying air volume flow rate, and
consequently the classifying air velocity, was changed to obtain different bed hold-ups during
layering. By increasing the classifying air velocity, also the mean residence time of the
particles in the fluidized bed increased, and, thus, the mean particle size grew. The goal here
was to study in detail different overspray behavior with respect to different bed heights and its
influence on the process behavior as described by Vreman et al. (2009). In the second series
of experiments, the classifying air volume flow rate, and, thus the gas velocity and the
separation diameter, were kept constant, and the spray mass flow rate, gas inlet temperature
and fluidizing gas mass flow rate were changed. By varying drying conditions, different
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4 Continuous layering granulation with internal separation

overspray (Tab. 2-1, p. 12) behavior was realized. The influence of internal seed particle
formation on the process behavior was thus investigated. For the second series, an experiment
with high spray mass flow rate, medium gas inlet temperature and medium gas mass flow rate
was chosen as a reference (Ref_Int), and its outcome was compared to the results of
experiments in which these parameters were varied systematically, one at a time (Tab. 4-2).
The temperature of the classifying air was kept constant at 100°C for all experiments. The
spray solution was fed into the fluidized bed at ambient temperature (20°C). The liquid
pressure was depending on the spray mass flow rate and was 1.6-1.9 bar. The atomizing air
pressure was constant around at 2.6 bar. The mass fraction of sodium benzoate was subject to
small differences between the experiments, as the solution had to be prepared anew after 2-3
experiments. Every experiment was conducted once. The separation particle size dse in
Tab. 4-2 was calculated using Eq. 2-11, estimating the particle porosity ¥, =25% for the
calculation of the particle density.

The process time of the experiments varied from 16 to 22 h. In each experiment a sample
from the fluidized bed was taken after spraying 3 kg of solution. For the experiment with the
lowest spraying mass flow rate (L1 _Int), the samples were taken after 2 kg of solution were
sprayed. This resulted in sampling times from 13 to 17 min, depending on the chosen
parameters. Consequently, 55-80 bed samples were collected per experiment depending on
process and sampling time. Every four bed samples, a sample from the discharged product
was taken, resulting in 13-21 product samples per experiment. The total sample mass flow
rate Msam Was equal to ~ 0.1 kg'h™. Following the experiments, the particle size distribution,
the mass fraction of water of the particles, and the particle structure were measured and
evaluated, as described in Chapter 3.

The bed mass for every experiment was measured and calculated by the pressure drop over
the fluidized bed and the distributor plate. As the distributor plate was gradually clogged by
the solids in the spray during the experiments, the pressure drop of the plate also gradually
increased, which could not be accounted for in bed mass measurement. Thus, the bed mass
value recorded by the PCS was unreliable. As a result thereof, the bed mass was obtained
from a mass balance over the whole process, considering the average mass fraction of water
x,, of starting, bed, and product material. Consequently, the bed mass balance was calculated
a posteriori, after the measurement of the mass fraction of water from the bed and product
samples (Section 3.2, p. 37). Knowing the initial bed mass at the start Myeq, the spray mass
flow rate Mspray, the product mass Mproq and the mass of the taken samples Mgam, the bed mass
depending on process time t was calculated by:

Mbed(t) = [Mbed,o(l - xw,O) + tMspranyaB - Mprod(t)(l - xw,av,prod)

(4-1)
_Msam(t)(l - xw,av,sam)] / (1 - xw,av,ed) )

with the mass fraction of sodium benzoate in the spray solution Xag.
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4 Continuous layering granulation with internal separation

4.4 Results and discussion

This section presents and discusses the results from two experimental series regarding
continuous SFBLG with internal separation. In the first series the classifying velocity for the
product discharge was varied, and in the second series the drying conditions of the process
were varied.

4.4.1 Influence of classifying air velocity on process behavior

In the first series, the influence of the classifying air velocity on the process behavior and
product quality was investigated. Experiment C1_Int was conducted with a classifying air
velocity of 2.8 ms™. The PSD density and average particle diameter di3 showed damped
oscillations, which receded after about 10 h of process time (Fig. 4-2). Thus, the experiment
was stationary regarding particle size, but the bed mass was still varying after 10 h.

C1 _Int bed C1 _Int product

Process //% = og 1 Process
time[h] " 0.4 06 time [h]
0 Particle size [mm]
C1_Int, Average particle diameter Bed & product mass C1_Int
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— A | 4+ I fay
R 0.6 product 0 O3 g ) E
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g 04 : -
5 050 5 L 20 S
—_— '2 00 O bt} S
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Fig. 4-2. SFBLG with internal separation and varied classifying velocity Ucass, C1_Int
(2.8 m-s™). Particle size distribution density in the bed (top left) and product (top right).
Average particle diameter (bottom left) and bed and product masses (bottom right; solid line:
bed, dashed line: product.
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Fig. 4-3. SFBLG with internal separation and varied classifying velocity Ucass, C2_Int
(3.3 m-s™). Particle size distribution density in the bed (top left) and product (top right).
Average particle diameter (bottom left) and bed and product masses (bottom right; solid line:
bed, dashed line: product).

Increasing the classifying air velocity to 3.3 m-s™ in experiment C2_Int led to self-sustained
oscillations in the PSD density (Fig. 4-3). The average diameter of bed and product particles,
and also the bed mass, showed self-sustained oscillations. The experiment reached a limit
cycle with an average period time of 5.4 h. The peak and period times (Section 3.1.5, p. 36)
are summarized in Tab. 4-3.

Tab. 4-3. Period times for experiment C2_lInt.

Exp.

Parameter Values [h]

C2_Int

peak times
period times

average period time

2.58; 9.29; 13.43
6.72;4.14
5.43

Consequences of these oscillations were, for example, bimodal particle size distribution
densities leading to varying product particle sizes and mass flow rates. For an increased
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4 Continuous layering granulation with internal separation

classifying velocity of 4.0 m-s? in experiment C3_Int, the PSD density showed damped
oscillations again (Fig. 4-4). After about 8.0 h of process time, the average particle diameter
d; 3 was nearly stationary, indicating steady state operation.

Comparing all three experiments, the process behavior was controlled by the classifying air
velocity. The dynamic process behavior changed from damped oscillatory, to sustained
oscillatory, to damped oscillatory behavior in the considered parameter range of the
classifying air velocity. This behavior is qualitatively explained by Vreman et al. (2009) and
Fig. 2-6 (p. 21). A classifying air velocity of 2.8 m-s™ led to a small bed mass and bed height
at the beginning of the experiment, due to fast product discharge. Consequently, a large
fraction of the sprayed material is drying prior to contact with particles and forming dust
(overspray, see Tab.2-1, p.12). This dust formed a high amount of new seed particles,
stabilizing the process after 9 h of process time. The high amount of seed particles also led to
the increasing bed mass later in the process. During the experiment with a classifying air
velocity of 3.3 m-s™ varying fractions of overspray were formed. A large overspray fraction at
the beginning led to a high amount of seed particles. The bed mass rose until about 4 h of
process time, the overspray fraction was reduced, and the particles grew and were discharged.
The increased amount of discharged particles led to a decreased bed mass and increased
overspray fraction again. Thus, sustained oscillations in PSD density were observed.
Contrary, for an increased classifying air velocity of 4.0 m-s™, the bed mass rose to or above
nozzle height, leading to a constant, but low overspray fraction. Thus, the oscillations in PSD
density were damped, and after 8.0 h of process time, at a level of around 17-18 kg bed mass,
the process stabilized due to the constant amount of seed particles formed. So, the height
dependent overspray generation assumed by Vreman et al. (2009) explained different process
behavior for changing classifying air velocity for one specific set of drying and fluidizing
parameters.

Neugebauer et al. (2017) presented a numerical stability analysis of continuous SFBLG with
internal separation. The experimental results presented in this dissertation regarding process
behavior of continuous SFBLG with internal separation and varied classifying air velocity,
and, thus, varied separation diameter, are in qualitative agreement with the observations of
Neugebauer et al. (2017). For small and large separation diameters, the simulations of
Neugebauer et al. (2017) reached stable steady states. But for intermediate separation
diameters, the simulations showed self-sustained oscillations in the PSD. This oscillatory
behavior is in qualitative accordance with the experimental observations reported for
experiment C2_Int, which was conducted with an intermediate separation diameter
(dsep = 716 pum, Tab. 4-2, p. 55).
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Fig. 4-4. SFBLG with internal separation and varied classifying velocity Ugass, C3_Int
(4.0 m-s™). Particle size distribution density in the bed (top left) and product (top right).
Average particle diameter (bottom left) and bed and product masses (bottom right; solid line:
bed, dashed line: product).

In general, the PSD density was shifted to the right, towards larger particle sizes for increased
classifying air velocities. This was to be expected, as larger classifying velocities theoretically
allowed for the discharge of particles with higher sinking velocities, and consequently, larger
particle sizes. Thus, the particles stayed longer in the fluidized bed and grew to larger sizes.
However, the PSD densities of product and bed were quite similar, contrary to expectations.
No clear separation particle size was reached, at which particles were discharged. This was
attributed to swarm hindering effects, meaning larger particles carried smaller particles
alongside during product discharge, and to missing separation efficiency of the classifying
tube, caused by missing length of the tube. The fact, that the average product particle size was
smaller than the average bed particle size was caused by attrition in a pneumatic conveying
system, transporting the product particles to the storage. This problem was amended in the
second series, where the product directly fell into the storage box. The excessive product
particle breakage for experiments C1_Int to C3_Int also complicated the evaluation of product
quality.
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4 Continuous layering granulation with internal separation

4.4.2 Influence of classifying air velocity on product quality

As product particles were broken during discharge by the pneumatic conveyer, product
quality was measured for samples taken from the fluidized bed. The drying conditions were
maintained constant during the experiments, thus, the drying potential /7 (Eq. 2-10, p. 17) and
product quality aspects like the surface roughness R (Section 3.4, p. 43) and particle porosity
Psem (Section 3.3, p. 38) were expected to be similar, which was proven by the measured
values (Tab. 4-4; complete summary of all experiments with internal separation: Tab. 4-6,
p. 74). SEM images of particles from this first series of experiments confirmed the similar,
open, porous and rough structure (Fig. 4-5).

Tab. 4-4. Measured product quality values for continuous SFBLG with internal separation
and varied classifying air velocities.

Exp. Rav [Mm] Ysem,av [%0] 11 [%]
C1 Int 12.3+3.3 415+75 24.4
C2_Int 19.0 £ 5.7 48.8 £ 6.0 23.5
C3_Int 18.8+3.8 414 +8.8 20.1

Fig. 4-5. SEM images from bed samples of continuous SFBLG experiments with internal
separation and variation of classifying air velocity, C1_Int (left), C2_Int (middle), C3_Int.

4.4.3 Influence of drying conditions on process behavior

In the second series of experiments, the influence of the drying and fluidizing parameters on
particle size and structure was investigated. At first, the results of the experiments with varied
spray mass flow rate are presented. The lowest spray mass flow rate of 7.8 kg'h™ in
experiment L1 _Int yielded a nearly batch-like temporal evolution of the particle size
distribution density (Fig. 4-6). A lack of new granulation seed particles in the particle size
region of 0.1 to 0.2 mm was observed. Note, that occurring seed particles could not be formed
solely by over-spray (droplet diameter: ~40 um), but had to be agglomerates of dust formed
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by overspray (see nucleation, Tab. 2-1, p. 12). Without these new seed particles the sprayed
material was distributed on the existing granules which kept growing and were discharged
until the fluidized bed was nearly empty. In this case (L1_Int) the fluidized bed was too empty
to operate any further after approximately 20 h of process time.

Increasing the spray mass flow rate to 9.7 kg-h™ in experiment L2_Int only resulted in a slight
change of the process behavior. The particles grew faster, and thus the process broke down
even faster, in this case (L2_Int) after approximately 17 h (Fig. 4-7), due to the lack of seed
particles in the size range from 0.1 to 0.2 mm. Two growth waves were distinguished in the
temporal evolution of the PSD density. Due to the high growth rate, large particles were
discharged even faster, and, thus, more spray was available for the smaller particles remaining
in the fluidized bed, leading to the second wave observable from about 4 h of process time on.
This wave did not originate from seed particles generated in the process, and so the temporal
evolution of the PSD density of experiment L2_Int was still similar to a PSD density
observable in a batch process.
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Fig. 4-6. SFBLG with internal separation and varied spray mass flow rate Mgpray, L1_Int
(7.8 kg'h™). Particle size distribution density in the bed (top left) and product (top right).
Average particle diameter (bottom left) and bed and product masses (bottom right; solid line:
bed, dashed line: product).
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Fig. 4-7. SFBLG with internal separation and varied spray mass flow rate Mgpray, L2_Int
(9.7 kg'h™). Particle size distribution density in the bed (top left) and product (top right).
Average particle diameter (bottom left) and bed and product masses (bottom right; solid line:
bed, dashed line: product).

Only at the highest spray mass flow rate of 11.2 kg-h™, in the reference experiment (Ref_Int),
enough seed particles were produced to sustain the continuous process. But in this case the
PSD density showed self-sustained oscillations over the whole process time investigated
(Fig. 4-8). Three clear growth waves were identified in this experiment. After 20 h of process
time, the start of a fourth wave was observed due to the peak at 0.2 mm, indicating self-
sustaining oscillations also for longer process times. Thus, the process parameters of the
reference experiment (Ref Int) allowed for the conduction of a continuous process, but the
process reached a limit cycle, featuring self-sustained oscillations of the PSD. As only two
full growth waves were observed, only one period time between them could be determined.
The period time of the oscillation was 10.66 h. The according peak times were 4.58 h and
15.24 h.

Higher spray mass flow rates could not be achieved due to interfering agglomeration that
hindered the desired layering growth process. So this experiment was chosen as the reference
for the following variation of fluidizing gas inlet temperature and mass flow rate. With
increasing mass flow rate of the spray, the process behavior changed from unstable (empty
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bed) to oscillatory due to the existence of sufficient seed particles in the particle size range of
0.1t0 0.2 mm.
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Fig. 4-8. SFBLG with internal separation, reference experiment Ref_Int (Mspray = 11.2 kgh™,
Tgasin = 130°C, Mgasjin = 350 kg-h™). Particle size distribution density in the bed (top left) and
product (top right). Average particle diameter (bottom left) and bed and product masses
(bottom right; solid line: bed, dashed line: product).
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Fig. 4-9. SFBLG with internal separation and varied inlet temperature Tgasin, T1_INnt (120°C).
Particle size distribution density in the bed (top left) and product (top right). Average particle
diameter (bottom left) and bed and product masses (bottom right; solid line: bed, dashed line:
product).

Reducing the fluidizing gas inlet temperature to 120°C in experiment T1_Int led to damped
oscillatory behavior of the particle size distribution density (Fig. 4-9). A high amount of seed
particles in the size range of 0.1 to 0.2 mm existed in the bed, leading to small growth waves
merging with the main wave. New seed particles were formed (for example peak at 0.2 mm
for 4 h process time) and grew into the size distribution originating from the initial condition.
The high amount of formed seed particles dampened the oscillation of the particle size
distribution. For long process times (> 9.8 h) the damped oscillation resulted in a nearly
stationary evolution of the particle size distribution density, resulting in constant bed mass
and product mass flow rate.

The experiment with a fluidizing gas inlet temperature of 130°C was already presented as the
reference (Ref_Int, Fig. 4-8). Self-sustained oscillations of the particle size and three main
growth waves were observed in the temporal evolution of the particle size distribution
density.
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Fig. 4-10. SFBLG with internal separation and varied inlet temperature Tgasin, T2_Int
(140°C). Particle size distribution density in the bed (top left) and product (top right). Average
particle diameter (bottom left) and bed and product masses (bottom right; solid line: bed,
dashed line: product).

Further increase of the temperature to 140 °C in experiment T2_Int completely changed the
process behavior (Fig. 4-10). The process was lacking seed particles (missing peaks around
0.1-0.2 mm) and, thus, the temporal evolution of the particle size distribution density showed
less oscillations and a more batch-like shape. At the end of the experiment, after
approximatley 22 h of process time, the bed mass was low but relatively constant, but the
danger of emptying of the bed for longer process times existed. Three different growth waves
were distinguishable, but the first two originated from the intitial starting particles, and the
third one close to the end of the process also did not start from seed particle size (0.1-
0.2 mm). Due to the increased discharge of large particles after about 16 h of process time,
more spray was available for the growth of the smaller particle size fractions still remaining in
the fluidized bed, leading to the observable growth wave at the end of the process. Comparing
the three experiments with different fluidizing gas inlet temperature showed different
behavior in overspray generation and seed particle formation. With increasing temperature,
less seed particles were generated, leading to changing process behavior, stated as damped
oscillatory, oscillatory, and possibly unstable for 120 °C, 130 °C and 140 °C, respectively.
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Fig. 4-11. SFBLG with internal separation and varied gas mass flow rate Mgasin, AL_Int
(300 kg-h™). Particle size distribution density in the bed (top left) and product (top right).
Average particle diameter (bottom left) and bed and product masses (bottom right; solid line:
bed, dashed line: product).

The experiments with varied fluidizing gas mass flow rate yielded similar results to the
experiments with varied fluidizing gas inlet temperature. For the lowest gas mass flow rate of
300 kg'h™ in experiment Al_Int (Fig. 4-11) a high amount of seed particle formation was
observed leading to a damped oscillation of the PSD density. This was similar to the
oscillations observed for the lowest fluidizing gas inlet temperature (T1_Int). After a process
time of around 8.5 h, particle size and bed mass indicate a nearly steady state. The reference
experiment with a fluidizing gas mass flow rate of 350 kg-h™ showed the strongly oscillating
behavior already described above. Increasing the air mass flow rate to 400 kg-h™ led to an
emptying of the fluidized bed after approximately 18 h of process time, and thus an unstable
process (Fig. 4-12). Again no seed particles in the size range of 0.1 to 0.2 mm occured in the
bed. The temporal evolution of the particle size distribution density was batch-like, since only
one main growth wave was observed. In summary, with increasing fluidizing gas mass flow
rate from 300 kg-h™ to 350 kg-h™ and 400 kgh™ the process behavior changed from damped
oscillatory to oscillatory to unstable, respectively. The dynamic behavior of all experiments
with internal separation is summarized in Tab. 4-8 (p. 76).
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Fig. 4-12. SFBLG with internal separation and varied gas mass flow rate Mgasin, A2_Int
(400 kg-h™). Particle size distribution density in the bed (top left) and product (top right).
Average particle diameter (bottom left) and bed and product masses (bottom right; solid line:
bed, dashed line: product).

The second series of experiments presented the effect of drying and fluidizing parameters on
the formation of seed particles and thus the process behavior. The curves of the particle size
distribution densities for all experiments started at a minimum particle size of approximately
0.1 mm. These particles could not have been formed by overspray solely (droplet size:
~40 um, see Section 4.2, p. 52). The dust particles, which were formed by overspray, had to
agglomerate before being large enough to stay in the fluidized bed and serve as seed particles.
Grunewald et al. (2010) presented experimental nucleation studies for bottom-spray fluidized
bed layering of limestone. In their work different overspray rates were linked to the drying
parameters of the process. They did not consider the dust (d < 0.15 mm) formed by overspray
to represent new seed particles for the granulation but agglomerates of this dust
(d = 0.15 mm). Figure 4-13 shows the general idea behind their understanding of seed particle
formation. Also Saleh et al. (2003) and Hemati et al. (2003) confirmed prevailing
agglomeration for particles smaller than 0.2 mm and 0.3 mm, respectively, and layering
growth for larger particles.

In the presented experiments, intense drying conditions, like small spray mass flow rates, high
fluidizing gas inlet temperature and high fluidizing gas mass flow rate, led to missing seed
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4 Continuous layering granulation with internal separation

particles for the continuous layering growth process. With intense drying (L1_Int, L2_Int,
T2_Int and A2_Int) presumably enough dust was formed by overspray, but the dust particles
were too dry to form agglomerates, as proposed by Griinewald et al. (2010). The general mass
fractions of water x,, of particles in the fluidized bed and product are listed in Tab. 46 (p. 74).
Consequently, agglomeration of dust particles (< 40 um) to seed particle size (0.1-0.2 mm)
was hardly possible. Additionally, a higher fluidizing air velocity, as used in experiments
A2_Int and T2_Int (here only slightly increased), favored the discharge of dust particles and
entrainment of spray droplets at the top of the fluidized bed. The dust reaching the cyclone
was recycled, but possibly discharged from the fluidized bed again quickly. Thus, the seed
particle formation was additionally reduced due to the lack of dust present in the fluidized
bed.

Moderate drying conditions like higher spray mass flow rate (Ref_Int), lower fluidizing gas
inlet temperature (T1_Int) and lower fluidizing gas mass flow rate (Al_Int) led to increased
formation of seed particles. With these parameters, presumably less dust was generated
through overspray, but the existing dust particles had a higher residual moisture (see mass
fraction of water x,, in Tab. 4-6, p. 74), due to the more moderate drying conditions. Thus the
agglomeration of dust particles to seed particles was enhanced.

Moreover, with lower fluidizing gas mass flow rate (Al _Int) the dust was held more likely in
the bed, also enhancing the formation of seed particles. A high generation of seed particles led
to the described damped oscillatory behavior of the PSD density. Low seed particle formation
resulted, on the other hand, in unstable processes due to the emptying of the bed and break-
down of the process. Between these two limits for the drying conditions, self-sustained
oscillations of the particle size were observed (Ref_Int), related to different behavior of seed
particle generation during the process. Here agglomeration of the dust particles was possible,
but the amount of dust was controlled by the changing bed height due to particle growth and
discharge, as Vreman et al. (2009) described. This explanation also holds for the first series of
experiments with varied classifying velocity, where agglomeration of the dust particles to
seed particles was possible, and only the amount of dust in the bed was varied through
different bed heights and, thus, different overspray rates. So in addition to the height
dependency of the dust formation by overspray, the agglomeration of dust to seed particles,
which depends on the residual moisture of the dust, has to be considered for a complete
understanding of the process dynamics of continuous spray fluidized bed layering with
internal separation and internal seed particle formation.

Y
@gg - @j» @

wet dust particles drying agglomerate  seed particle
Fig. 4-13. Mechanism of seed particle production, following Griinewald et al. (2010).
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4.4.4 Influence of drying conditions on product quality

As described in Section 2.2.4 (p.14) a variation in drying conditions changed particle
properties like porosity (Section 3.3, p. 38) and roughness (Section 3.4, p. 43). The measured
values are summarized in Tab. 4-6 (p. 74), and the according SEM images are shown in
Fig. 4-15. Intense drying (/7> 47%) led to smooth and dense particles. Moderate drying
(I1<47%) resulted in open, rough and porous structures. These changes in structure,
depending on drying conditions, were in accordance with the findings of Rieck et al. (2015),
describing different structure formation and shell porosity for SFBC processes with sodium
benzoate. Drying of sodium benzoate solution is a crystallization process. Moderate drying
conditions enhanced crystal growth. The liquid evaporated relatively slowly allowing for
extended crystal growth. Thus large and porous structures were formed. Contrary, intense
drying led to a more precipitation-like solidification of the sodium benzoate. Fast evaporation
of the liquid resulted in fast super-saturation of the solution. Thus, many crystallization nuclei
were formed on the particle surface, which had less time to grow, and thus a smoother and
less porous surface was generated. For further discussion of this behavior see Rieck et al.
(2015). A decreasing linear correlation, expressing the average particle porosity Wsemav Over
drying potential for continuous SFBLG experiments with internal separation, is shown in
Fig. 4-14 (left). The correlation is in qualitative agreement with Rieck et al. (2015), but the
exact values differ. Rieck et al. (2015) reported shell porosities for SFBC of y-Al,0O3 spheres
with sodium benzoate in the range of 20-40%, which are comparable to the particle porosities
presented here for SFBLG. But the correlation regarding the drying potential presented here
differs slightly to the correlation given by Rieck et al. (2015). Main reason for this is the
different core material in both experimental investigations.

60 : : l : J : l : 30
----- e y = -67.311x + 57.656 - 25 +——{— . .
P S e b0 LTI y=-27.477x 4 22726 7]
S ] T R?=0.7921
=1 B o T R N --E 77777777 | I I
3 : 15 — N ;
2 : o - +\+l{ -------------
> 20 : 10 +——r+—1 +§\§ :
| 5 ———————
0 1 0 1
0 02 04 06 08 1 0 02 04 06 08 1
1 [-] m[-]

Fig. 4-14. Correlation between average particle porosity Ysemav and drying potential 77 (left),
and average particle roughness Ra, and 17 (right) for continuous SFBLG with internal
separation. Error bar: Standard deviation for 10 measurements.
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Ref Int: 11.2 kg-h™ L2_Int: 9.7 kg-h™ L1 _Int: 7.8 kg-h™
TSEM, Ref — 245%, RRef =9.0 um l‘I/SEM, L2 = 194%, RLZ =72 um SUSEM, L1 = 231%, RLl =79 pm

T1 Int: 120°C Ref_Int: 130°C T2_Int: 140°C
TSEM, T1 = 248%, RTl =11.2 um TSEM, Ref = 245%, RRef =9.0 um y]SEM, T2 = 243%, RTZ =9.2 um

Al_Int: 300 kgh™ Ref_Int; 350 kg-h™ A2_Int: 400 kg-h™

TSEM, N 31.6%; RAl =123 um TSEM, Ref — 24.5%; RRef =9.0 um WSEM,AZ = 22.4%; RAZ =8.2 pm

Fig. 4-15. SEM images from product samples of continuous SFBLG experiments with
internal separation and variation of drying conditions.
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The different structure formation due to different drying conditions also resulted in varying
particle roughness. A decreasing linear correlation between the average particle roughness Ray
and the drying potential 77 is given in Fig. 4-14 (right). The particle porosity and roughness
are correlating. Particles with a large roughness also were very porous, and vice versa. A
linear correlation expressing this proportional trend is given in Fig. 4-16. In the investigated
parameter region, Ysemav and Ry, depend linearly on I7 and on each other. Large particle
roughness originated from large crystal structures of sodium benzoate, which also led to
higher internal particle porosity. Consequently, the linear dependency of porosity and
roughness was to be expected and is reasonable. The trends in particle porosity and roughness
are also visible in the SEM images shown in Fig. 4-15. In each line, drying gets more intense
from left to right, resulting in smoother and less porous granules.

Comparing the particles from series 1 (Fig. 4-5, p. 60) and series 2 (Fig. 4-15) indicates
different particle structures. The higher spray mass flow rate and reduced fluidizing gas inlet
temperature, and, thus, the reduced remaining drying potential of the exhaust air, led to very
porous and rough particles in series 1, compared to the particles from series 2.
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Fig. 4-16. Correlation between average particle porosity Ysemay and average particle
roughness Rgy, for continuous SFBLG with internal separation. Error bar: Standard deviation
for 10 measurements.

4.4.5 Steady state considerations

All steady state data for experiments C1_Int, C3_Int, T1 Intand Al _Intis listed in Tab. 4-7.
Unstable experiments and the experiment with self-sustained oscillations in the PSD are not
considered here.

To determine the steady states for the first series of experiments, the values of the particle size
d, 3 of the bed samples were used, as product particles were partly broken. The steady states in
average particle size were reached at 10.0 h and 8.0 h respectively (with CoV <2.0% and
m =16, see Section 3.1.3, p. 33). The starting particle size was set to zero, as granules were
formed completely by internal nucleation, and no external nuclei with a measureable size
were added to the process. The steady state particle size in the bed was gained by averaging
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d1 5 in the steady state period. The obtained growth rates of 0.8-1.7 pm-min lie within the
expected range of 0.17-1.7 pm-min’ (Section 2.2.1, p. 11).

The steady states for the second series of experiments were determined by successively
averaging the particle diameters of each four (m =4) product samples, and the following
evaluation of CoV (here: CoV < 5%). As one product sample was taken in the time interval in
which four bed samples were taken, averaging the particle size of four product samples
(m =4) equaled the averaging of particle sizes from 16 bed samples (m = 16), as described
earlier for series 1. The temporal progression of an experiment, considering 16 bed samples or
4 product samples, was similar. The steady states for T1 Int and Al _Int were reached after
9.8 h and 8.5 h, respectively. Averaging the product particle size during steady state, the
growth rates of 1.3-1.7 pm-min again lie within the expected range (Section 2.2.1, p. 11).
Comparing the growth rates from series 1 and 2 to literature is difficult, as SFBLG in batch or
continuous mode without external seed particles was scarcely found in literature, especially
with similar material. Only Rieck et al. (2015) present data from batch SFBC experiments,
where 0.5 kg of y-Al,O3 were coated with 1 kg of sodium benzoate solution (Xnag = 0.3). They
achieved average growth rates of 1-3 pm-min™, which are comparable to the growth rates
presented here.

For all four experiments, the product mass flow rate during steady state in practice never
reached the theoretical maximum value of solids sprayed into the process (Tab. 4-5). The
theoretical value of pure solids introduced into the fluidized bed Msprays, is calculated by:

Mspray,s = XNaB 'Mspray ) (4-2)

with the mass fraction of sodium benzoate in the spray solution Xnss and the total spray mass
flow rate Mspray (values in: Tab. 4-6). The product mass flow rate in practice Mproq prac i the
sum of the measured product mass flow rate in steady state Mproa.ss (Values in: Tab. 4-7) and
the average sample rate (Msam ~ 0.1 kgh™):

Mprod,prac 'prod,ss + Msam : (4_3)

Considering the average mass fraction of water of the product particles x,, o4 the product
mass flow rate of pure solids Mproqs is calculated by:

Mprod,s = (1 - JZw,prod) ' (Mprod,ss + Msam) . (44)

The relative deviation in the mass flow rates e;; was then calculated:

Mprod,s - Mspray,s

ey =
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4.4 Results and discussion

As stated above, the theoretical maximum of the product mass flow rate was never reached.
The calculated values are summarized in Tab. 4-5. Dead zones in the whole plant, and
accumulation of dust in the cyclone (sticking to the wall), were the reason for this
discrepancy. Additionally, the bed masses were not entirely constant during the steady state of
the average particle diameter, compensating varying product mass flow rates. Thus, the steady
states described here were only reached from a practical point of view, but not if strictly
holding to theory, as the solids inlet mass flow rate was higher than the solids output mass
flow rate. The higher values for e,; for the experiments of the first series are attributed to
losses in the pneumatic conveying system for product discharge. The pneumatic conveyer
included a temporal storage, where the product was separated from the conveyer air by a
filter. Parts of the product stuck to the filter and the walls of the temporal storage, and did not
reach the product storage box.

Tab. 4-5. Deviation of the steady state product mass flow rate of pure solids Mproq,s from the
theoretical maximum Mprog th.

Exp. Meprays [kg'h™] Mprods [kg'h™] exr [%]
Cl_Int 4.08 3.24 -20.5
C3_Int 3.69 3.29 -11.0
T1 Int 3.36 3.23 -3.9
Al_Int 3.37 3.32 -1.3

73



4 Continuous layering granulation with internal separation

Tab. 4-6. Overview of key process parameters and measured values for continuous SFBLG with internal separation.

Exp Parameters Measurement

Toasin~ Magasiin Ugas Mspray ~ XnaB Uclass Rav Ysem,av Yer 11 Xwo0  Xwbedav  Xwprodav

[°Cl [kgh™] [ms'] [kgh™] [ [ms7] [um] [%] [%]  [%]  [%] [%]
Cl_Int 120 350 1.6 12.76 0.32 2.8 12.3+3.3 415+75 - 24.4 0.7 4.0 3.2
C2_Int 120 350 1.6 12.96 0.29 3.3 19.0+5.7 48.8+6.0 - 23.5 0.6 5.0 5.3
C3_Int 120 350 1.6 12.73 0.29 4.0 18.8 +3.8 414 +8.8 - 2017 23 4.5 8.6
Ref_Int 130 350 1.6 11.16 0.30 4.1 90+1.8 245+45 - 47.0 0.5 0.4 0.4
L1 Int 130 350 1.6 7.83 0.31 4.1 79+13 23.1+53 - 61.5 0.4 0.2 0.2
L2 _Int 130 350 1.6 9.72 0.30 4.1 72+1.0 19.4+6.0 - 51.3 0.1 0.1 0.1
T1 Int 120 350 1.6 11.21 0.30 4.0 112+16 248 £5.7 - 43.8 0.3 1.2 1.2
T2_Int 140 350 1.6 11.18 0.30 3.8 9.2+15 243+4.8 - 50.7 0,1 0,1 0.2
Al_Int 130 300 1.4 11.61 0.29 4.0 12.3+3.5 31.6+54 - 38.6 0.8 0.9 0.7
A2_Int 130 400 1.8 11.48 0.29 3.8 82+18 22.4+3.7 - 47.3 0.4 0.4 0.3

" The drying potential for C3_Int was calculated from a water balance, assuming complete evaporation. The measured value of Yo, and thus, the calculated 77, was

faulty.

Tab. 4-7. Steady state values for continuous SFBLG experiments with internal separation.

Exp From? m CoV <? tes Moed,ss Moprod,ss T di30 0135 Gav
[-] [%] [h] [ka] [kg'h™] [h] [Hm] [um]  [ummin]

C1 Int bed 16 2 10.0-End 17.02 3.25 5.23 0 261 0.8

C3 Int bed 16 2 8.0-End 18.22 3.49 5.22 0 461 15

T1 Int product 4 5 9.8-End 18.17 3.17 5.73 0 573 1.7

Al Int product 4 5 8.5-End 20.67 3.25 6.37 0 505 1.3
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4.5 Conclusions

The theoretically predicted oscillations of particle size distributions (Section 2.4.4, p. 24)
were proven experimentally in this dissertation. For the first time, a systematic study,
resulting in a reliable set of experimental data regarding continuous SFBLG with internal
separation was conducted and published. The experimental findings are a valuable source for
validation of future upcoming models of the continuous SFBLG process. The observed self-
sustained oscillations in the PSD, which were dependent on the classifying, fluidizing and
drying parameters, were linked to differences in seed particle generation. The observed
process behavior for the investigated parameter region is summarized in Tab. 4-8. Knowledge
of the observed process behavior will also improve process understanding in industry, where
oscillations in the PSD are usually unwanted, and stable steady states are preferred to
maintain constant product output and constant product quality.

For a single set of drying parameters with possible seed particle generation, the process
behavior was influenced by the classifying air velocity as the experiments of series 1 showed.
Changing bed hold-up influenced the overspray rate, as Vreman et al. (2009) predicted by
simulations. A low classifying air velocity of 2.8 m-s* (C1_Int) resulted in a low bed mass
and bed height (hpeq < hnoz) at the beginning of the experiment, due to enhanced product
discharge. Thus, a large fraction of the spray formed dust particles by overspray, which led to
high seed particle production during the process. The high amount of seed particles overrode
possible oscillations in the PSD, leading to damped oscillations and steady state operation
after 10.0 h of process time. A high classifying air velocity of 4.0 m-s™ (C3_Int) led to a large
bed mass and bed height (hpeq > hnoz), due to reduced product discharge from the beginning of
the experiment. Thus, the overspray fraction was low, but constant. This also led to a constant
production of seed particles, dampening the occurring oscillations in PSD for long process
times. A classifying air velocity in between, here 3.3 m-s™* (C2_Int), led to varying bed mass
and bed height. During particle growth, the bed height rose above nozzle height (hpeq > hnoz),
reducing overspray but enhancing particle growth. When the large particles were discharged,
the bed mass and height dropped relatively fast (hpeq < hnoz), temporarily increasing the
overspray fraction. Thus, particle growth was slowed down, and a new growth wave was
formed. During particle growth, the bed mass and bed height increased again, reducing
overspray and enhancing particle growth, which led to the observed self-sustained oscillations
in the PSD. The findings are in qualitative accordance with the numerical stability analysis
from Neugebauer et al. (2017), who reported varying process behavior of their simulations,
depending on the separation diameter and spray mass flow rate. For small and large separation
diameters Neugebauer et al. (2017) observed stable steady states. But for intermediate
separation diameters, they observed self-sustained oscillations in the PSD, comparable to the
process behavior of experiment C2_Int.

Changing the set of drying conditions for a constant classifying air velocity also changed the
process behavior drastically. Moderate drying parameters (T1_Int, A1l _Int) led to high seed
particle production. The high amount of seed particles resulted in damped oscillations of the
PSD, leading to steady state operation. The dust formed by overspray had enough residual
moisture to agglomerate to seed particle size (0.1-0.2 mm) and serve as new seeds for the
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layering granulation process. Contrary, intense drying (L1_Int, L2 Int, T2 Int, A2_Int)
resulted in unstable processes. The overspray generation was supposedly high, but the
residual moisture of the dust particles was too low to agglomerate to seed particle size. Thus,
the dust was carried out with the fluidizing air, and seed particles for the layering process
were missing. Consequently, the existing particles grew, were discharged, and then the
process collapsed due to a low bed mass. Drying conditions between those limits (Ref _Int)
favored self-sustained oscillations of the PSD. Agglomeration of dust particles to seed particle
size was possible, but a changing overspray fraction dependent on the bed mass and bed
height resulted in a varying amount of seed particles, leading to self-sustained oscillations, as
described in the paragraph above. This means the drying parameters control the process
behavior and the product quality regarding particle size over time.

The particle structure was mainly governed by the drying conditions. Varying classifying air
velocities did not affect particle roughness and porosity. Moderate drying (/7 < 47%) resulted
in rough and porous granules. Intense drying (/7 > 47%) led to smooth and dense particles.
The particle porosity decreased linearly with increasing drying potential, similarly to the
effect described by Rieck et al. (2015) for SFBC with sodium benzoate. A linear correlation
between particle porosity and particle roughness was observed, resulting from the
crystallization behavior of sodium benzoate. Rough particles also were porous, and vice versa.
Consequently, the process conditions for the production of large, smooth and dense particles
(intense drying) are in contrast to good conditions for seed particle generation (moderate
drying), which is needed in this setup to ensure the continuous process. Vice versa,
controlling the drying and fluidizing parameters to ensure a process in steady state also
changes the product quality. The classifying air velocity can additionally be used to control
the particle size and process dynamics, while keeping a constant product structure.

Tab. 4-8. Process dynamics for continuous SFBLG with internal separation

Experiment  Steady state?  Oscillating?  Unstable?

Cl_Int X - -
C2 Int X X -
C3_Int X - -
Ref_Int X X -
L1 Int - - X
L2 Int - - X
T1 Int X - -
T2_Int - - X
Al Int X - -
A2 _Int - - X
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4.5 Conclusions

A next step would be designing a model, being able to describe the observed process
behavior. This model needs to account for the agglomeration step of dust to seed particle size,
as described by Grunewald et al. (2010). The idea, that dust particles directly serve as seed
particles, as assumed in basic models by Morl (1980) needs to be overcome. Based on such a
model, controllers for stabilization of the observed oscillations in PSD could be developed. In
general, steady state processes are preferable, as product mass flow rate and product particle
size are constant, which in most cases is necessary in industry. This renders controllers
important for certain parameter regimes of continuous SFBLG.
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5 Continuous layering granulation with external
separation

This chapter is an extended version of the publications Schmidt et al. (2015a) and Schmidt et
al. (2017a). Here, the results of continuous SFBLG with external product separation regarding
process dynamics and product quality are presented in two experimental series. In the first
series, the influence of the power level of the mill, setting the mill rotation speed and defining
the comminution of oversized particles, on process behavior was investigated. The second
series determined the influence of drying conditions on product particle morphology and
process dynamics.

5.1 Materials

The materials used for the experiments with external separation were similar to the materials
used for the experiments with internal separation. The preparation of the materials and their
properties have already been described in Section 4.1 (p. 51). Sodium benzoate in the size
range of 0.1-0.5 mm, resulting in an average diameter of d; 3~ 0.35-0.4 mm, was used as
initial filling for the fluidized bed. A sodium benzoate solution with a mass fraction of sodium
benzoate of xnag = 0.3 was used as spray solution.

5.2 Experimental setup

The experimental setup shown in Fig. 5-1 is similar to the setup for internal separation
(Section 4.2, p. 52). A cylindrical fluidized bed with a diameter of 300 mm was used in top-
spray configuration. Differences only existed in the product discharge (Fig. 2-5, p. 19).
Contrary to the setup with internal separation, where a constant classifying air velocity was
chosen to obtain relatively constant product particle sizes, the air velocity in the discharge
tube was controlled with the intention of maintaining a constant bed mass. Therefore, the bed
mass was calculated from the pressure drop of the fluidized bed, including the distributor
plate. As the distributor plate usually has a constant pressure drop for a constant fluidizing air
mass flow rate, its pressure drop was subtracted from the total pressure drop to only account
for the bed mass, at a given mass flow rate of fluidizing air. Due to constantly changing bed
heights, bubble formation and pressure gradients in the fluidized bed, measurement of the
pressure drop of the bed itself was not possible.
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5 Continuous layering granulation with external separation

After discharging the material from the fluidized bed, the actual classification step was done
externally from the fluidized bed, after a pneumatic conveyer had transported all discharged
particles to a vibrating sieve (GKM Siebtechnik GmbH, Germany, type: KTS-V 450/2; mesh
widths 0.5 mm and 0.7 mm). There, the particles were separated into oversize, product and
undersize fraction. The product fraction was withdrawn from the process, and the oversize
fraction was crushed by a rotor beater mill (Retsch Technology, Germany, type: SR 300) and
fed back to the fluidized bed, alongside with the undersize fraction. Thus, especially during
the startup period, the bed mass was not necessarily constant, as only the particle fraction in
the size range of 0.5-0.7 mm was withdrawn, and an equilibrium of incoming solids (spray)
and withdrawn solids (product) had yet to be established.

suction fan

cyclone .
-t~
exhaust/
supply air
dust recirculation condenser
_/
)
SY
pressure fan
controlled discharge air

Fig. 5-1. Continuous SFBLG plant with external separation setup.

5.3 Experimental plan

Two experimental series were conducted (Tab. 5-1). In the first series, the influence of the
comminution of oversized particles on the process behavior was investigated. Therefore, the
power level of the mill was varied from 20% to 90%, 100% corresponding to the maximum
number of revolution of the rotor of 8100 min™. As the engine’s characteristic line was
unknown, a clear allocation of power level and number of revolutions below 100% was not
possible. All other process parameters were kept constant. In the second series, the influence
of the drying conditions on the process behavior and product quality was investigated.
Starting with a reference experiment, the inlet gas temperature, gas mass flow rate, and spray
mass flow rate were increased and decreased, one parameter at a time.
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5 Continuous layering granulation with external separation

A starting bed mass of 4 kg of sodium benzoate granules was filled into the fluidized bed.
During heat-up, the classifying air temperature was set to 80°C. The classifying air velocity
usually was set to 5.5 m-s™ at the start of each experiment. After 5-10 min the bed mass
controller was started, controlling the classifying air velocity to maintain a constant bed mass.
The spray solution was fed at ambient temperature (20°C), and, depending on the spray mass
flow rate, a liquid pressure of 1.4-1.9 bar resulted. Atomization of the spray was done by
compressed air at a nearly constant pressure of 2.5-2.7 bar. As described in Section 4.3
(p. 53), small fluctuations in the mass fraction of sodium benzoate in the spray liquid resulted
from preparation of new spray solutions every 2—-3 experiments. The mill power level was set
to 80% for all experiments of series two. The mesh widths of the sieves for external
separation were 0.5 and 0.7 mm for every experiment of both series.

Each experiment from the first series was conducted for 20-32 h. Every 4 kg of sprayed
solution, a sample was taken from the fluidized bed. This resulted in a sampling time of
25 min and a total of 51-83 samples from the bed. A product sample was taken every 16 kg of
sprayed solution, resulting in a sampling time of 100 min and a total of 12-20 samples from
the product. The experiments from the second series were conducted for 34—-39 h. Also every
4 kg of sprayed solution a sample was taken from the fluidized bed, resulting, depending on
the spray mass flow rate, in a sampling time of 18-24 min and a total of 100-118 bed samples
per experiment. The product samples were collected every 16 kg of spray solution, resulting
in a sampling time of 72-96 min and a total of 25-29 product samples per experiment. The
total sample mass flow rate was equal to Mg ~0.1kgh™. After each experiment, the
samples were investigated offline as described in Chapter 3.

To maintain a constant bed mass, a controller was used. As described in Section 5.2, the bed
mass was calculated from the total pressure drop over the distributor plate and the fluidized
particles. A calibration curve was recorded in advance, accounting for the pressure drop of the
distributor plate with empty fluidization chamber for the operating range of air velocities.
Thus, theoretically, the bed mass could be monitored. In theory, the starting bed mass would
be defined as set point for the bed mass controller. Then, throughout the process, the
controller would adjust the volume flow rate of the discharge air to keep the bed mass
constant. An increase in bed mass would be countered by a reduced volume flow rate of the
classifying air, and vice versa, maintaining a constant bed mass. If, however, the discharged
particles are not in the product size range (between the sieve mesh widths: 0.5 and 0.7 mm),
they are fed back to the granulator, so that the bed mass in practice would not necessarily be
held constant, and a large fraction of the particles would reside in the feedback cycle.
Additionally, the distributor plate partly clogged during the experiments, as described for the
experiments with internal separation (Section 4.3, p. 53). Thus, the pressure drop of the
distributor plate gradually increased during the process, which could not be accounted for in
the calibration curve that was measured for a clean distributor plate. Consequently, the
calculated bed mass was higher than the actual bed mass. Thus, the bed mass controller would
reduce the bed mass, although the actual bed mass did not increase, but only the pressure drop
of the distributor plate. To account for that problem, the actual bed mass was calculated and
checked by a mass balance during the experiment (Eq. 4-1, p. 54) with estimated values for
the mass fraction of water of the bed and product particles. The set point of the controller was
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5.4 Results and discussion

then adjusted manually according to the mass balance, to maintain a relatively constant bed
mass. But due to the mentioned problems with increased particle recycle, if the product size
was not yet reached, and manual adjustment of the set point of the controller was needed, the
bed mass could not be held entirely constant for most of the experiments. Some experiments
would eventually reach a steady state bed mass, which was then maintained by the controller.
But especially during the experiments with oscillations in the PSD, also changes in the bed
mass were observed, which could not be completely amended by the controller. Nevertheless,
experimental conclusions regarding the temporal evolution of the PSD are still valid.

5.4 Results and discussion

In this section the results regarding process dynamics and product quality for the continuous
SFBLG experiments with external separation are presented and discussed. In the first series,
the power level of the mill, crushing oversized particles, was varied. In the second series,
different drying parameters resulted in different process behavior and product particle
morphology.

5.4.1 Influence of mill speed on process behavior

This series investigated the influence of an increasing mill power level on the process
behavior. For the power levels 20% and 50% in experiments M1 Ext and M2_Ext,
respectively, the particle size distribution density in the fluidized bed exhibited self-sustained
oscillating behavior (Fig. 5-2; Fig. 5-3). The average period times of the oscillations in the
PSD density for M1_Ext and M2_Ext were 4.7 h and 8.6 h, respectively. The according peak
times are summarized in Tab. 5-2.

Tab. 5-2. Period times for experiments M1_Ext and M2_EXxt.

Exp. Parameter Values [h]
M1_Ext peak times 6.07; 11.58; 16.46; 21.75; 23.82; 29.60
period times 5.52; 4.88; 5.29; 2.07; 5.78

average period time 4.71
M2_Ext peak times 2.03; 11.33; 19.91; 27.78
period times 9.30; 8.58; 7.87

average period time 8.58
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5 Continuous layering granulation with external separation
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Fig. 5-2. SFBLG with external separation and varied mill power level Ppi, M1_Ext (20%).
Particle size distribution density in the bed (top left) and product (top right). Average particle
diameter (bottom left) and bed and product masses (bottom right; solid line: bed, dashed line:
product).

The oscillations in size distribution for M1_Ext and M2_Ext also resulted in oscillating bed
masses (Fig. 5-2 and Fig. 5-3, bottom right). Sudden drops in bed mass and sudden increases
in product mass were caused by occasional process breaks, which were necessary to clean the
nozzle or free the pneumatic conveyer from blockings, etc. After stopping the spray, and,
thus, pausing the process time, product material in the tubes was discharged further, to reduce
the danger of additional clogging in the tubes and the sieve. As the bed mass was calculated
by a mass balance (Eq. 4-1), increases in the product mass directly reduced the bed mass.
Consequently, the discharge during a process break was visible as a sudden decrease in bed
mass after restarting the process. Increasing the mill power level to 80 and 90% in
experiments M3_Ext and M4_Ext stabilized the process. In experiment M3 Ext damped
oscillations of the particle size distribution were observed during the start-up period. The
steady state was reached after approx. 6.5 h of process time, as shown in the graph of the
average particle diameter d; 3 and the bed mass (Fig. 5-4). Both lines are nearly constant or
only oscillate in a narrow range. Similar behavior was observed for M4_Ext, where a nearly
steady state was reached after about 2.9 h of process time. Particle size and bed mass varied
only slightly after 2.9 h (Fig. 5-6).
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Fig. 5-3. SFBLG with external separation and varied mill power level Ppi, M2_Ext (50%).
Particle size distribution density in the bed (top left) and product (top right). Average particle
diameter (bottom left) and bed and product masses (bottom right; solid line: bed, dashed line:
product).

The differences in process behavior were most likely caused by varying comminution
behavior of the mill. Figure 5-5 shows the results of comminution tests, done with feed
sodium benzoate granules in the size range of 0.3-1.2 mm, which was similar to the size
range to be expected in the continuous SFBLG experiments. The black solid line marks the
size distribution density of the feed material. For 20% and 40% mill power level nearly no
size reduction of the material was observed. Starting with 60%, a minor size reduction was
observed, followed by 80 and 100% resulting in a significant crushing of particles. The size of
the crushed particles lay within seed particle size range (0.15-0.2 mm) for the continuous
SFBLG process. Consequently, mill power levels of 60% and higher increased the amount of
new seed particles for the granulation process. A higher amount of seed particles dampened
the oscillations of the particle size distributions and led to steady state operation for
experiments M3_Ext and M4_Ext.
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5 Continuous layering granulation with external separation
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Fig. 5-4. SFBLG with external separation and varied mill power level Ppi, M3_EXxt (80%).
Particle size distribution density in the bed (top left) and product (top right). Average particle
diameter (bottom left) and bed and product masses (bottom right; solid line: bed, dashed line:
product).
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Fig. 5-5. Results from comminution tests with the mill. PSD densities of feed material and
after crushing at different power levels.
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Fig. 5-6. SFBLG with external separation and varied mill power level Ppi, M4_Ext (90%).
Particle size distribution density in the bed (top left) and product (top right). Average particle
diameter (bottom left) and bed and product masses (bottom right; solid line: bed, dashed line:
product).

The product PSD densities followed the evolution of the bed PSD densities. Ideally, the
product particle size should lie within the size range of the sieves (0.5-0.7 mm, Section 5.2,
p. 79). In fact, the average diameter of the product particles was slightly higher than the
average bed particle diameter in all four experiments (Figs. 5-2 to Fig. 5-4 and 5-6, bottom
left). But the fact that the average product diameter was lower than 0.5 mm in all experiments,
inferred the discharge of undersized material. Local and temporal overloading of the sieve
could result in undersize discharge, as the material would be discharged before having the
possibility to fall though the meshes of the second sieve and be returned to the fluidized bed
as undersize material. Thus, the spray mass flow rate for all experiments of the second series
was increased to realize higher growth rates to prevent excessive undersize circulation and,
thus, sieve overloading. Additionally, the stabilizing effect of seed particle production by
crushing at mill power levels of 60% and higher resulted in a fixed mill speed of 80% for the
second series of experiments, investigating the effect of drying conditions on the process
behavior and product quality during continuous SFBLG with external separation.
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5 Continuous layering granulation with external separation

5.4.2 Influence of mill speed on product quality

The drying potential and product quality aspects surface roughness and particle porosity for
the experiments with varying mill power level are listed in Tab. 5-3 (complete summary of all
experiments with external separation: Tab. 5-5, p. 100). Additionally, the product particle
morphology is shown by means of SEM images (Fig. 5-7). No significant differences in
roughness, porosity and surface morphology were observed. Thus, changing comminution
behavior only influenced the amount of available seed particles, but not the structural
properties. Similar drying conditions in all four experiments resulted in similar growth and,
consequently, similar particle morphology.

Tab. 5-3. Measured product quality values for continuous SFBLG with external separation
and varied classifying air velocities.

EXp. Rav [Mm] Psem,av [%0] 11 [%)]
M1 Ext 5.6 19.6 39.4
M2_Ext 6.1 19.7 28.9
M3_Ext 5.8 17.8 39.3
M4 _Ext 6.1 20.6 40.2

Fig. 5-7. SEM images from product samples of continuous SFBLG experiments with external
separation and variation of mill power level. From left to right: M1 _Ext (20%), M2_Ext
(50%), M3_Ext (80%), M4_Ext (90%).
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5.4 Results and discussion

5.4.3 Influence of drying conditions on process behavior

In this series the influence of the drying conditions on the process behavior and product
quality was investigated. The experiment with medium spray mass flow rate, inlet gas
temperature and gas mass flow rate was defined as the reference experiment (Ref_Ext). The
PSD density and the average diameter of the bed and product particles reached a steady state
after ca. 8.6 h of process time (Fig. 5-8). The bed mass could not be held constant and
fluctuated during the whole experiment. Increasing the spray mass flow rate in experiment
L1 Ext led to self-sustained oscillations of the PSD density and also of the average particle
diameter (Fig. 5-9). The average period time of the oscillations was 8.8 h. The according peak
times are summarized in Tab. 54 (p. 92). The amplitude of the oscillation of the average
product particle size was reduced by the externally classifying sieves (mesh 0.5 and 0.7 mm).
Also the bed mass was oscillating slightly.
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Fig. 5-8. SFBLG with external separation, reference experiment Ref Ext (Mspray =
11.6 kg'h™, Tgasin = 130°C, Mgasin = 350 kg'h™). Particle size distribution density in the bed
(top left) and product (top right). Average particle diameter (bottom left) and bed and product
masses (bottom right; solid line: bed, dashed line: product).
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Fig. 5-9. SFBLG with external separation and varied spray mass flow rate Mspray, L1 _Ext
(13.4 kg'h™). Particle size distribution density in the bed (top left) and product (top right).
Average particle diameter (bottom left) and bed and product masses (bottom right; solid line:
bed, dashed line: product).

Contrary, reducing the spray mass flow rate in experiment L2 _Ext resulted in process
behavior similar to the reference experiment. The particle size distribution density was
stationary after about 15 h (Fig. 5-10). Nevertheless, the bed mass was still increasing slightly
until 30 h of process time. Still, this time frame was taken to calculate the average growth rate
of this experiment. After 30 h of process time, problems with the bed mass controller led to a
sudden increase of the bed mass and finally to the termination of the process. Here, lower
spray mass flow rates and, thus, drier process conditions stabilized the continuous layering
granulation process.
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Fig. 5-10. SFBLG with external separation and varied spray mass flow rate Mgpray, L2_Ext
(10.0 kg-h™). Particle size distribution density in the bed (top left) and product (top right).
Average particle diameter (bottom left) and bed and product masses (bottom right; solid line:
bed, dashed line: product).

The influence of varying fluidizing gas inlet temperatures and gas mass flow rates were
similar to the influence of varying spray mass flow rates. A decrease in inlet gas temperature
in experiment T1 Ext resulted in more humid process conditions. The particle size
distribution density showed self-sustained oscillations, also visible in the average particle
diameter (Fig. 5-11). The average period time of the oscillations was 4.3 h (Tab. 5-4). The
bed mass was quite constant, showing only small oscillations. Increased inlet gas temperature
in experiment T2_Ext led to drier process conditions. The particle size distribution density
was stationary after ca. 10.3 h of process time (Fig. 5-12). The bed mass did not reach a
steady state, as the controller was not able to maintain a permanently constant bed mass. The
steady state was considered to end at 26.5 h, as problems with the bed mass controller led to a
drastically reduced bed mass, and consequently particles in the fluidized bed grew faster due
to the higher availability of spray solution on less bed material.
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Fig. 5-11. SFBLG with external separation and varied inlet temperature Tgasin, T1_EXt
(120°C). Particle size distribution density in the bed (top left) and product (top right). Average
particle diameter (bottom left) and bed and product masses (bottom right; solid line: bed,
dashed line: product).

Tab. 5-4. Period times for experiments L1 _Ext, T1 Ext, and A1 _Ext.

Exp. Parameter Values [h]

L1 Ext peak times 4.49; 17.66; 23.10; 30.90
period times 13.17; 5.44; 7.80

average period time 8.80

T1_Ext peak times 2.43; 7.20; 13.44; 17.54; 19.95; 25.46; 29.25; 32.44; 36.95
period times 4.78; 6.24; 4.10; 2.41; 5.51; 3.79; 3.19; 4.51

average period time 4.32

Al_Ext peak times 5.12; 8.55; 14.77; 22.99; 32.30
period times 3.43; 6.22; 8.22; 9.31

average period time 6.80
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Fig. 5-12. SFBLG with external separation and varied inlet temperature Tgasin, T2_EXt
(140°C). Particle size distribution density in the bed (top left) and product (top right). Average
particle diameter (bottom left) and bed and product masses (bottom right; solid line: bed,
dashed line: product).

Compared to the reference experiment Ref _Ext a decrease in fluidizing gas mass flow rate in
experiment Al Ext led to self-sustained oscillations in the particle size distribution density
and bed mass (Fig. 5-13). The average period time of the oscillations was 6.8 h (Tab. 5-4).
Again, more humid process conditions de-stabilized the process. Contrary, an increased
fluidizing gas mass flow rate in experiment A2_Ext resulted in similar process behavior to
Ref Ext. The process reached the steady state after ca. 18 h of process time, visible in the
graph of the average particle diameter and the particle size distribution density (Fig. 5-14).
The bed mass could not be stabilized.
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Fig. 5-13. SFBLG with external separation and varied gas mass flow rate Mgasin, AL _Ext
(300 kg-h™). Particle size distribution density in the bed (top left) and product (top right).
Average particle diameter (bottom left) and bed and product masses (bottom right; solid line:
bed, dashed line: product).

The differences in process behavior for varying drying conditions resulted from differences in
seed particle formation, as described in Section 4.4.3 (p. 67). For dry process conditions (low
spray mass flow rate in L2_Ext, high inlet gas temperature in T2_Ext, high gas mass flow rate
in A2_Ext), seed particle formation in the size range of 0.1 to 0.2 mm by agglomeration of
dust formed by overspray (Fig.4-13, p.68) was hardly possible. Additionally, a high
fluidizing gas mass flow rate also enhanced the elutriation of dust, which then was missing for
seed particle formation in the fluidized bed. But the crushing of oversized particles by the mill
generated a sufficient, relatively constant amount of particles in the size range of 0.1-0.2 mm
(Fig. 5-5, p. 86), serving as seed particles. This way of seed particle formation was
independent from a changing overspray amount, caused by changing bed masses, as described
earlier in Section 2.4.1 (p. 19). Thus, seed particle generation solely by the mill had a
stabilizing effect. However, humid process conditions (high spray mass flow rate in L1_Ext,
low inlet gas temperature in T1_Ext, low gas mass flow rate in Al_Ext) allowed for the
agglomeration of dust in the fluidized bed to seed particle size, as described for the
experiments with internal separation in Section 4.4.3 (p. 67). Additionally, a low fluidizing
gas mass flow rate enhanced dust retention in the fluidized bed, which then was available for
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the aforementioned agglomeration step to seed particles. Thus, seed particle formation by
agglomeration of dust was dependent on the amount of overspray and, thus, the bed
mass/height (Fig. 2-6, p.21), as described for the internal separation experiments
(Section 4.4.3, p. 67). This varying seed particle formation in addition to the crushing of
oversized particles led to temporarily high and low amounts of seed particles, resulting in the
observed oscillations in the particle size distributions.
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Fig. 5-14. SFBLG with external separation and varied gas mass flow rate Mgasin, A2_Ext
(400 kgh™). Particle size distribution density in the bed (top left) and product (top right).
Average particle diameter (bottom left) and bed and product masses (bottom right; solid line:
bed, dashed line: product).

The observed problems with the bed mass controller were caused by local clogging of the
distributor plate. Thus, the pressure drop of the plate gradually increased by an unknown
amount, which could not be accounted for in the bed mass calculation from the pressure drop
(Section 5.2, p. 79). Consequently, the calculated bed mass increasingly deviated from the
real bed mass during the process. Thus, manual adjustment of the set point of the controller
was carried out during the experiments, resulting in the non-ideal bed mass graphs shown
above. Nevertheless, the conclusions regarding the process behavior deduced from the
evolution of the particle size distribution density are still valid. Additionally, even an ideal
controller would not have been able to keep a constant bed mass, if the product particles were
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not in product size range yet. This would only increase the amount of material in the feedback
cycle, eventually being returned to the fluidized bed and increasing the bed mass one way or
the other.

5.4.4 Influence of drying conditions on product quality

As initially described (Section 2.2.4, p. 14), the drying conditions determine the structure of
water-soluble crystalline materials. Consequently, this was observed for the second series of
continuous SFBLG with external separation (Fig.5-17). Humid process conditions
(17 < 35%) resulted in rough and porous particles. Contrary, dry process conditions (/7 > 35%)
resulted in the formation of smoother and denser granules. The according values are listed in
Tab. 5-5 (p. 100). The differences in particle porosity Ysemay in relation to 77 were less
distinct as for the internal separation experiments. This might be attributed to structure
changes by excessive cycling of the material through pneumatic conveyer, sieve and mill,
leading to attrition and unifying of the surface structure. A correlation of ¥Ysemay IN
dependency of /7 is shown in Fig. 5-15 (left). In general, the decreasing linear trend is still
visible, but less characteristic than for the internal classifying experiments.

The average particle roughness R,, was also influenced by the drying conditions. For the sake
of completeness, the linear correlation between Ry, and 77 is given in Fig. 5-15 (right). But as
stated above, attrition during pneumatic conveying might have influenced particularly the
particle roughness by equalizing the particle surface. Thus, differences in roughness between
the experiments with varying 77 were less obvious, compared to the experiments with internal
separation, where particles were discharged without a pneumatic conveyer. Having a closer
look at the particle structure, the linear correlation between Ysgmay and Rgy still holds true
(Fig. 5-16). Large gaps and troughs in the particle surface lead to large particle roughness.
But the gaps continue towards the center of the granule, increasing the particle porosity.
Consequently, for the investigated crystalline material, particle porosity and roughness are
proportional.

For the second series of experiments, the particle porosity was also measured via u-CT
(Section 3.3.2, p. 39). But the measured values for ¥cr (Tab. 5-5, p. 100) lay within a very
close range (28.9-33.7%), regardless of larger differences in 77 (28.2—40.1%). Differences in
porosity of the granules could not be measured via u-CT. In contrast, the porosity values
determined via SEM and mass of the granules (Section 3.3.3, p. 41) were reasonable and
showed the expected tendencies, as described above. A comparison of the results of both
measurement techniques has already been given in Section 3.3.4 (p. 42).
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Fig. 5-15. Correlation between average particle porosity Ysemav and drying potential 77 (left),
and average particle roughness R, and 17 (right) for continuous SFBLG with external
separation. Error bar: Standard deviation for 10 measurements.

n
o

w
o

‘PSEM,av [%]
N
o

-
o

Fig. 5-16. Correlation between average particle porosity Ysemay and average particle
roughness Ra, for continuous SFBLG with external separation. Error bar: Standard deviation
for 10 measurements.
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L1_Ext: 13.4 kg'h™ Ref Ext: 11.6 kg-h™ L2_Ext: 10.0 kg-h™
YJSEM, L1 = 287%, RLl =84 um Y/SEM, Ref — 283%, RRef =72 um YJSEM, L2 = 185%, RLZ =6.1 pm

T1 Ext: 120°C Ref_Ext: 130°C T2_Ext: 140°C
TSEM, T1 = 283%, RTl =104 um YISEM, Ref — 283%, RRef =72 pum YISEM, T2 = 224%, RT2 =7.0 um

Al_Ext: 300 kg-h™ Ref_Ext: 350 kg'h™ A2_Ext: 400 kg-h™

YISEM, AL = 25.0%; RAl =9.0 pum TSEM, Ref — 28.3%; RRef =72 um BUSEM,AZ = 23.9%; RAZ =77 pm

Fig. 5-17. SEM images from product samples of continuous SFBLG experiments with
external separation and variation of drying conditions.
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5.4.5 Steady state considerations

All steady state data for experiments M3_Ext, M4 _Ext, Ref Ext, L2_Ext, T2 _Ext and
A2_Ext are listed in Tab. 5-6. For both series, the temporal evolution of the average particle
diameter d; 3 of the product samples was used for the determination of the steady state. The
steady states were determined by successively averaging the particle diameters of each four
(m = 4) product samples, and the following evaluation of CoV. For series 1 and 2 the criterion
CoV < 6% was used. The average growth rates for both series were 1.9-3.2 um-min?,
exceeding the expected range from Section 2.2.1 (p. 11). But the measured growth rates for
continuous SFBLG with external separation were comparable to the growth rates calculated
from the data provided by Rieck et al. (2015) for batch coating of gamma alumina oxide with
sodium benzoate solution (compare Section 4.4.5, p. 71), being 1-3 um-min™.

The growth rates for external separation were considerably larger than the growth rates
reported earlier for the experiments with internal separation. On the one hand, bed masses
were lower in the external separation case, as the bed mass in each experiment was tried to be
held constant. Consequently, more spray solution was available for the granules in the
fluidized bed, increasing the average growth rate. On the other hand, in the internal separation
case, for some experiments the average product particle size during steady state was 0.5 mm
or higher, depending on the chosen classifying air velocity, increasing the residence time of
the granules compared to the external separation setup, where particles were discharged at an
average particle size during steady state below 0.5 mm. Consequently, the product mass flow
rates for the external separation case were slightly higher, reducing the average residence time
(Eq. 3-17, p. 36). Additionally, a lower bed mass also increased the probability of the
granules to be discharged, possibly also reducing their residence time in the granulator,
provided the particles had product size (0.5-0.7 mm). Thus, due to reduced average residence
times, the average growth rates (Eg. 3-18, p. 36) for external separation exceeded the growth
rates for internal separation in the parameter regime investigated.

Comparable to the experiments with internal separation, the product mass flow rate of pure
solids Mproq,s during steady state never reached the theoretical maximum value of the mass
flow rate of solids in the spray. The values of the deviation in mass flow rates e, are listed in
Tab. 5-7, and where calculated as described in Section 4.4.5 (Egs. 4-2 to 4-5, p. 72). Again,
dead zones in the plant, like possible accumulation of dust in the cyclone, and varying bed
masses during steady state of the average particle diameter, influencing the product mass flow
rate, were the reasons for this deviation. Thus, the steady states described here were only
reached from a practical point of view, but not if strictly holding to theory. But the deviations
in product mass flow rates were reasonable for the used fluidized bed plant.

Additionally, experiments M3_Ext and L2_Ext show good reproducibility. Both experiments
were performed with similar process conditions and showed similar process behavior by
reaching the steady state. The product quality (roughness, porosity, residual moisture) was
also similar.
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Tab. 5-5. Overview of key process parameters and measured values for continuous SFBLG with external separation.
Exp Parameters Measurement
Toasin ~ Mgasin ~ Ugas Mpray XNaB Pmill Rav Ysem,av Yer 11 Xw,0 Xwbedav Xw,prod,av
[’C] [kgh™] [ms™] [kgh™] [l [%] [um] [%] [%] %61 (%] %] [%]

M1_Ext 130 350 1.6 9.77 0.30 20 58+14 178 +5.9 - 39.3 0.4 0.4 0.5
- M2_Ext 130 350 1.6 9.79 0.30 50 56+10 19.6 +8.1 - 39.4 0.1 0.2 0.3
S
.m M3_Ext 130 350 1.6 10.05 0.30 80 6.1+14 206 +8.1 - 40.2 0.4 0.5 0.5
m. M4_Ext 130 350 1.6 9.95 0.30 90 6.1+1.3 19.7+7.4 - 28.9 0.1 0.2 0.2
nlm Ref Ext 130 350 1.6 11.61 0.30 80 72+17 28.3+43 32.5 3400 0.1 0.4 0.3
m L1 Ext 130 350 1.6 13.39 0.31 80 84+15 28.7+6.2 32.1 35.0 0.2 1.8 1.6
W L2 Ext 130 350 1.6 9.95 0.30 80 6.1+1.1 185+4.38 30.6 37.5 0.3 0.3 0.3
.m T1 Ext 120 350 1.6 11.56 0.30 80 104 +3.2 28.3+8.3 30.3 33.6 0.2 1.3 1.3
m T2 _Ext 140 350 1.6 11.60 0.30 80 70+10 224+58 28.9 39.9° 03 0.4 0.4
W Al_Ext 130 300 1.4 11.64 0.31 80 9.0+19 25.0+7.0 32.3 28.2 0.3 1.5 1.4
c
S A2_Ext 130 400 1.8 11.70 0.30 80 7.7+18 23.9+54 33.7 40.1 0.3 0.3 0.2
W, " The drying potential for the experiments Ref Ext and T2_Ext was calculated from a water balance, assuming complete evaporation of the sprayed water. The
m measured value of Y, and consequently the calculated drying potential, was faulty.
=
.m
o)
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5 Continuous layering granulation with external separation

Tab. 5-7. Deviation of the steady state product mass flow rate of pure solids Mproq,s from the
theoretical maximum Meprays.

EXp. Maprays [kg-h™] Mprogs [kgh™] exr [%]
M3 _Ext 3.02 2.94 -2.5
M4_Ext 2.96 2.93 -1.1
Ref Ext 3.48 3.41 -2.2
L2 Ext 2.99 2.78 -7.0
T2 _Ext 3.48 3.34 -4.2
A2 Ext 3.51 3.20 8.8

5.5 Comparison: Internal and external separation

In this section the results from continuous SFBLG experiments with internal and external
separation at varied drying conditions are compared. The different process behaviors are
summarized in Tab.5-8 (p.105). Interpreting the results, three different cases are
distinguished:

1: Dry process conditions

For low spray mass flow rates (L1_Int, L2_Int, L2_Ext), high fluidizing gas inlet
temperatures (T2_int, T2_Ext), and high fluidizing gas mass flow rates (A2_Int, A2_Ext)
open, porous, and rough granules were formed. If this structure is desired for continuous
SFBLG processes, a setup with external classifying product discharge is recommended. For
dry process conditions, the dust particles formed by overspray (d <40 um) were too dry to
agglomerate to seed particle size (= 0.15 mm). Thus, an insufficient amount of seed particles
was generated. With internal separation, the particles in the fluidized bed grew very large, as
the sprayed solution was only distributed among the existing particles, because new seed
particles were missing. Consequently, while the product discharge was running continuously,
the fluidized bed emptied over time. The processes were unstable and not feasible. Switching
to a setup with external separation stabilized the processes for otherwise the same process
parameters. Still, not enough seed particles were formed by agglomeration of overspray. But
particles from the fluidized bed, having grown beyond product particle size (here: > 0.7 mm)
were separated from the product particles as oversized particles, crushed by the mill and fed
back to the process. Thus, new seed particles were formed. Equilibrium between growth, seed
particle formation, and product discharge was established and the processes reached the
steady state for external separation. Additionally, the product particle size distribution was
much narrower for external separation due to the sieves, limiting the product particle size.

102



5.5 Comparison: Internal and external separation

2: Humid process conditions

For high spray mass flow rates (L1_Ext), low fluidizing gas inlet temperatures (T1_Int,
T1 Ext), and low fluidizing gas mass flow rates (Al_Int, Al _Ext) relatively dense and
smooth granules were formed. If this particle structure is required, the internal separation
setup is recommended for product discharge. For humid process conditions most likely less
overspray was formed than in the previous case. But the residual mass fraction of water of the
particles in this case indicated that dust particles (d <40 um) were agglomerating to seed
particle size (= 0.1-0.2 mm). More seed particles were formed, and in the internal separation
case equilibrium between growth, seed particle formation, and product discharge was
established. The processes were running in steady state (T1_Int, Al_Int). By switching to the
external separation setup, additional seed particles were provided by comminution of
oversized particles. The additional seed particles overrode the equilibrium, which was
established in the internal separation case, and led to self-sustained oscillations of the particle
size distribution. When particles in the fluidized bed reached product size (here: 0.5-0.7 mm),
not the whole bed was discharged immediately. Only particles hitting the opening of the
discharge tube had the probability to be discharged from the fluidized bed. Thus, particles had
the chance to grow larger than 0.5 mm and even larger than 0.7 mm. The discharge of large
particles led to a temporarily increased supply of seed particles by crushing of oversized
particles. After having been fed back to the granulator, the crushed particles reduced the
growth rate of the remaining particles in the fluidized bed, as the sprayed mass of solution had
to be distributed to a larger surface of particles. Then, the remaining large particles were
discharged, leaving only the newly generated seed particles in the fluidized bed. Thus, a new
“growth wave” emerged (compare 3D plots). The repetition of the effects described above
resulted in the observed self-sustained oscillations. Additionally, the described changes in bed
mass/height also resulted in changing overspray production, which enhanced the oscillatory
behavior. For humid process conditions, internal separation led to steady state operation. But,
depending on the separation efficiency of the classifying tube, the product particle size
distribution was wider for the internal separation case. If this is no problem, the internal
separation setup should be chosen.

3: Moderate drying conditions

For moderate drying parameters (Ref _Int, Ref Ext) porosity and roughness of the granules
lay between the values which were obtained in cases one and two. The seed particle formation
by agglomeration of dust was possible. But varying amount of overspray led to self-sustained
oscillation in the particle size distribution for the internal separation setup (Ref _Int).
Switching to the external separation setup, while all other process parameters were held
constant, led to steady state operation. The amount of the additionally formed seed particles
by crushing of oversized particles possibly overrode the effect of a varying amount of
overspray, stabilizing the process.

Comparing the steady states of both kinds of product separation, different average growth
rates resulted. The average growth rates for the external separation setup were considerably
larger than for the experiments with internal separation. The main reason was the amount of
bed mass for each setup. For internal separation, a constant classifying air velocity was set. A
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separate control of the bed mass was not possible, leading to rather high bed masses. For the
external separation setup, the bed mass was held relatively constant. Smaller bed masses were
realized, leading to smaller residence times (Eq. 3-17, p. 36). Smaller residence times resulted
in higher growth rates (3-18, p. 36).

5.6 Conclusions

Like for the experimental setup with internal separation, the occurrence of theoretically
predicted oscillations in particle size distribution (Section 2.4.4, p.24) was proven
experimentally. For the first time, a systematic experimental study of the process behavior of
continuous SFBLG with external separation was conducted and published. The resulting data
sets may be used for validation of future upcoming models and control concepts. The
occurrence of self-sustained oscillations was linked to the seed particle production, which was
influenced by the mill speed and the drying and fluidizing conditions. The process behavior is
summarized in Tab. 5-8. Additionally, the experimental results for the setups with internal
and external separation were compared. The findings of this dissertation may also improve
process understanding in industry, where oscillations in the PSD usually need to be reduced,
and stable steady states are preferred to obtain constant product outputs and constant product
quality.

For a single set of drying conditions and varied mill power levels in the external separation
setup, differences in process dynamics were observed. Higher mill power levels (M3_Ext,
M4_Ext) led to stabilization of the experiments, compared to the experiments with oscillating
PSD (M1_Ext, M2_Ext), as the amount of crushed particles in seed particle size (0.1-0.2 mm)
was increased. However, the product particle structure was not significantly influenced by the
mill power level.

Varying drying conditions influenced the product particle structure and the process behavior.
During the dry experiments (L2_Ext, T2_Ext, A2_Ext) relatively smooth and dense granules
were produced. All three experiments reached the steady state, which was only terminated by
external effects like partial clogging of the discharge tube (A2_Ext) or problems with the bed
mass controller (T2_Ext). During the experiment Ref Ext slightly denser and less porous
granules were produced, and the process still reached a steady state. In the more humid
experiments (L1_Ext, T1_Ext, Al Ext) rough and porous granules were formed. The
temporal evolution of the PSD showed self-sustained oscillations. Temporarily occurring
excessive amounts of seed particles from crushing of oversized particles were identified as the
initial cause for the oscillations. The following changing bed masses/heights led to varying
overspray production, which also enhanced the self-sustained oscillations in the PSD.

Comparing the setups for internal and external separation led to the following conclusions:

e For the production of dense and smooth granules at dry process conditions in steady
state, continuous SFBLG with external separation is recommended. Additionally, the
product particle size is well defined by the mesh widths of the screens used for
external separation.
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e For the production of more porous and rough granules at humid process conditions in
steady state, continuous SFBLG with internal separation is recommended. Here, the
width of the product particle size distribution is defined by the separation efficiency of
the classifying tube and might be larger than for external separation.

Reproducibility of the experiments was shown by experiments M3_ext and L2_Ext, which
gave similar results regarding process dynamics and product quality.

All continuous SFBLG experiments (Chapter 4 and 5) showed, that changes in process
parameters severely changed the process dynamics from steady state to oscillatory or
unstable, and vice versa. Additionally, product quality parameters like roughness and porosity
were significantly changed. Even small changes in the spray mass flow rate of + 1.7 kg'h™
(= 15%), in the fluidizing gas inlet temperature of 10 K (= 8%), or in the fluidizing gas mass
flow rate of 50 kg'h™ (= 14%) significantly changed the process behavior. This calls for the
development of control concepts for continuous SFBLG processes on the basis of improved
models. The improved models need to account for agglomeration of dust to seed particles to
be able to represent the changes in process behavior, which were observed. Also, improved
understanding of the comminution behavior of the mill might enhance simulation results.

Tab. 5-8. Process behavior for continuous SFBLG with external separation.

Experiment  Steady state?  Oscillating? Unstable? Comparison: Exp_Int

M1 _Ext X X - -

M2_Ext X X - -

M3_Ext X - - -

M4_Ext X - - -

Ref Ext X - - Ref_Int: oscillatory steady state
L1 Ext X X - -*

L2 Ext X - - L2_Int: unstable

T1 Ext X X - T1 Int: stable steady state
T2 Ext X - - T2_Int: unstable

Al Ext X X - Al_Int: stable steady state
A2 Ext X - - A2_Int: unstable

* Experiments L1_Int and L1_Ext were performed at different spray mass flow rates and, thus, not compared.
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6 Continuous spray fluidized bed agglomeration

This chapter is focusing on process dynamics and structure formation during continuous
SFBA processes. The agglomeration process was induced by spraying of water onto partly
amorphous primary particles. No separate binder was dissolved in the water. Two series of
experiments were conducted, switching between internal and external classifying product
discharge. In the series with internal separation, the influence of nuclei mass flow rate and
classifying air velocity on process dynamics and product structure was investigated. In the
second series the product was discharged externally classifying, and the nuclei mass flow rate
and the mill power level were varied.

6.1 Materials

The continuous SFBA experiments were performed with maltodextrin, a carbohydrate
mixture usually used as food additive. Maltodextrin is a white, mostly odorless powder, which
is produced by hydrolysis of starch and characterized by the DE (dextrose equivalent) value.
Maltodextrins with a DE value above 20 are called dried glucose syrup. Maltodextrin is used,
among others, as dispersing aid, fat replacer, flavor carrier, viscosifier or bulking agent. Often
maltodextrins are an ingredient of baby foods, meat products, dry soups, confectionary,
ketchup, sauces, and sport beverages (Descamps et al., 2013).

For this work, maltodextrin DE 12 (Roquette Fréres, France, type: Glucidex® IT 12) was
used. Depending on the production by spray drying, maltodextrins often are amorphous. The
fast drying prevents the crystallization process and the material becomes amorphous. But
during storage, the material may re-crystallize. Thus, maltodextrins are often partly
amorphous and partly crystalline. Takeiti et al. (2010) investigated the fraction of crystalline
material (crystallinity) in 12 maltodextrins, of which 11 had a crystallinity of 0.66-0.72, and
one 0.8. To agglomerate amorphous materials like maltodextrin, they are usually heated above
their glass transition temperature, at which their surface becomes sticky due to high mobility
of their molecules. Amorphous materials have free volumes in their molecule structure,
enabling them to absorb larger amounts of water than crystalline materials. This bound water
plasticizes the amorphous solids, reducing their glass transition temperature (Palzer, 2005,
2009, 2010). Thus, humidified maltodextrin aggregates at gas temperatures below the glass
transition temperature of the pure solid. In principle, the agglomeration mechanism has been
explained earlier in Fig. 2-2C (p. 9). The particles are wetted by the sprayed water droplets.
Where the droplets adhere to the maltodextrin particles, glass transition and local dissolution
of the solid material takes place. Sticky spots at the particle surface are formed, at which
viscous bridges between the primary particles can be formed upon particle contact.
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6 Continuous spray fluidized bed agglomeration

Simultaneous drying during the process leads to re-solidification of the viscous bridges, as the
glass transition temperature of the dry material exceeds the gas temperature present in the
granulator, and the particles return to the solid, glassy state (Section 2.2.1, p. 8). Knowing the
glass transition temperatures of the solid Tg4s and of water Ty, and the Gordon and Taylor
constant ¢ (Tab. 6-1), the glass transition temperature Ty of the moistened material is
calculated by the Gordon and Taylor equation (Eq. 2-8, p. 10). To approximate T of the used
maltodextrin DE 12, the values for maltodextrin DE 10 from Tab. 6-1 can be used.

Tab. 6-1. Glass transition temperatures and Gordon and Taylor constants for different dry
maltodextrins and water.

Material Ty [°C] c[]
maltodextrin DE 5 188 * 6.8°
maltodextrin DE 10 160 * 7.0°
maltodextrin DE 20 1411 7.7°
dried glucose syrup DE 36 100! -
water -138°3 -

! Roos and Karel (1991); ? Palzer (2007); ® Sugisaki et al. (1968)

For the experiments in this work, the maltodextrin was sieved to a defined particle size. Two
screens (mesh widths 100 and 200 um) were used for primary particle production. Oversized
particles were crushed and sieved again. Dust below 100 um was disposed of. The primary
particle sizes for the two experimental series were:

° d1,3,0,|m1 166-208 pm
L] dl,3,0,Ext: 173-351 pm.

As the experiments of series 2 with external separation were conducted later in time than the
internal classifying experiments of series 1, slight agglomeration during storage of the sieved
material may have led to the increased starting particle sizes for some experiments.

The true solid densities of different maltodextrins were measured (Section 3.6.3, p. 50):

e Maltodextrin DE 12: 1474 kg-m™
e Maltodextrin DE 6: 1407 kg:m™
e Dried glucose syrup DE 47: 1534 kg-m™.

Thus, the used maltodextrin DE 12 belonged to Geldart Group B (Section 2.1, p. 5).
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6.2 Experimental setup

6.2 Experimental setup

The continuous SFBA experiments were performed at the same plant as the continuous
SFBLG experiments with internal (Section 4.2, p. 52) and external separation (Section 5.2,
p. 79). Most of the configurations of the cylindrical fluidized bed with a diameter of 300 mm
were similar. The respective setups are shown in Figs. 6-1 and 6-2. An external primary
particle supply had to be realized for the agglomeration process. The primary particles were
fed to a sluice by a vibration chute and fell into the fluidized bed. The screw pump from the
granulation experiments had to be replaced by a peristaltic pump (Ismatec, Switzerland, type:
MCP V5.10) to realize the lower spray mass flow rates, which were needed.
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Fig. 6-1. Continuous SFBA plant with internal separation setup.
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Fig. 6-2. Continuous SFBA plant with external separation setup.
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6 Continuous spray fluidized bed agglomeration

6.3 Experimental plan

Two experimental series with different product separation were conducted. For the first series,
the internal classifying setup was chosen. The classifying air velocity and nuclei mass flow
rate were varied. The drying and fluidizing conditions were kept constant (Tab. 6-2, top half).
During each experiment, the classifying air velocity was kept at a constant level. In the second
series, the external classifying setup was investigated. Here, the nuclei mass flow rate and the
mill power level were varied. The remaining process parameters were kept at a constant level
(Tab. 6-2, bottom half). During the experiments with external separation, the volume flow
rate of the discharge air was controlled manually to keep the bed mass nearly constant. The
controller from the continuous SFBLG experiments with external separation was operating
too slowly to adjust the discharge air volume flow rate correctly to maintain a constant bed
mass for the fast agglomeration process. The temperature of the classifying air was set to
60°C for both experimental series.

Samples were taken from the fluidized bed and from the product throughout the experiments.
After the start or restart of an experiment, samples from the fluidized bed were taken every
5 min, and samples from the product were taken every 15 min. During the process, the
sampling times of bed and product were increased to 10 and 20 min, respectively. For longer,
steady state periods, the sampling times were increased to 15 and 30 min, respectively. The
samples taken from the fluidized bed had an average mass of = 8 g, and the samples from the
product had an average mass of ~ 11 g. The total process time of each experiment was 7.5—
8.5 h, resulting in 50-67 samples from the bed and 20-25 samples from the product for the
internal separation setup, and 42-58 samples from the bed and 18-21 samples from the
product for external separation.

During the experiments, the maltodextrin would eventually clog the nozzle, the
discharge/classifying tube, the sieve, or the mill, if local over-wetting caused very sticky
material. In these cases, the spray, heaters, nuclei supply, discharge, and consequently, the
process time were stopped. After a short cooling period, the fluidizing gas was also stopped
and the plant was opened to remedy the respective problem. Then, the fluidization air and the
heaters were restarted. After a short heating time, the spray, nuclei supply and product
discharge were also restarted, to continue the process. Thus, the process time is the time,
during which the spray, the discharge, and the nuclei supply were operating. During the
cooling and heating periods, some agglomerates broke, visible as a step in the particle size
over process time diagrams in Section 6.4.

After each experiment, the samples were measured regarding the mass fraction of water, PSD,
and particle structure (Chapter 3, p. 29). Also, the water tank, the nuclei storage, and the
product storage were weighed before and after each experiment, to obtain the masses of
sprayed water, fed nuclei and discharged product. Dividing the masses by the process time,
the average spray mass flow rate, the average nuclei feed mass flow rate and the average
product mass flow rate were calculated. The actual values of spray and nuclei feed mass flow
rate are listed in Tab. 6-2.
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6 Continuous spray fluidized bed agglomeration

6.4 Results and discussion regarding process behavior

The results for both experimental series are summarized and discussed in this section. The
investigation of the process behavior included the interpretation of the temporal evolution of
particle size distribution density, average particle size over process time, evolution of bed and
product mass, the steady state determination, and the calculation of the average agglomerate
growth rate.

6.4.1 Internal separation

For continuous SFBA with internal separation, the reference experiment Ref Int-A reached
the steady state after 0.4 h (Tab. 6-3, p. 119). The relatively narrow particle size distribution
density at the start of the experiment broadened quickly in the first 10 min (Fig. 6-3, left).
The still visible but reduced peak around 0.2 mm during the experiment resulted from the
continuous supply of primary particles to the process. The standard deviation of the PSD
density of the bed particles more than tripled during the first 10 min (Fig. 6-4, top). The
observed growth pattern is typical for a well-mixed agglomeration process. At the beginning,
particles underwent mainly primary agglomeration. After a few clusters were formed, also
secondary agglomeration took place, forming large agglomerates relatively fast. But during
the process, primary particles, very large agglomerates, and small agglomerates formed by
primary agglomeration, coexisted, resulting in the observed wide PSD, especially for gs. After
the first product was discharged (Fig. 6-3, right), the PSD density of the product particles
stayed relatively constant. It was shifted towards larger particle sizes compared to the
evolution of gz in the bed, and few primary particles were discharged. The fact, that also the
product PSD density was very broad, indicated that the separation efficiency of the classifying
tube was insufficient. Nevertheless, the average product particle size was larger than the
average particle size in the bed (Fig. 64, top). As the temporal evolution of the PSD density
showed similar behavior for all experiments with internal separation, only gs for Ref_Int-A is
shown (Fig. 6-3). The remaining diagrams are placed in the appendix (Fig. C-1, p. 141 and
Fig. C-2, p. 142).

Ref Int-A bed Ref Int-A product
'—:_\ 8 | '—:_\ 8 |
g 4l g
4 4
= 0! = 0
8 3 '€
6 &
5 4 \, ”'2
Process 1.5 Process = = 1.5
time [h] 0.5 1 time [h] ‘% 1
00 " Particle size [mm] 00 " Particle size [mm]

Fig. 6-3. Particle size distribution densities gz for Ref_Int-Agg: Bed (left) and product (right).
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Fig. 6-4. Average particle diameter d; 3 for all continuous SFBA experiments with internal
separation. Legend valid for all five plots, ss — steady state.
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Fig. 6-5. Calculated bed (solid line) and product masses (dashed line) for continuous SFBA

with internal

separation.

The graphs of the average particle diameter d;; for the bed particles over process time
(Fig. 6-4) were used for steady state determination (Section 3.1.3, p. 33). The steady state
values are listed in Tab. 6-3 (p. 119) and marked in Fig. 64 (“ss”). All experiments reached a
steady state after 0.3-0.9 h. Clear differences in process behavior related to process
parameters were not observed. Steps in the graphs resulted from breaks in the experiments,
which were necessary to clean the clogged nozzle or discharge tube (Section 6.3). Usually,
after a restart of the experiment, the steady state was reached again before the next break. The
calculated bed masses were relatively steady for all experiments (Fig. 6-5). A low nuclei
mass flow rate (N1_Int-A) led to a low bed mass and low product mass flow rate, and vice
versa (N2_Int-A). But the low bed mass in N1_Int-A allowed for formation of relatively large
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6.4 Results and discussion regarding process behavior

particles, compared to Ref_Int-A, as the sprayed water was distributed to less bed material.
The high nuclei mass flow rate and consequently high bed mass in experiment N2_Int-A
resulted in smaller agglomerates, compared to the experiments with lower nuclei mass flow
rates, as the sprayed water needed to be distributed to more particles in the bed. But the
resulting average residence time was lower for a high nuclei mass flow rate. Thus, large
particles were formed during large residence times and vice versa, resulting in similar growth
rates.

A clear influence of the classifying air velocity on the bed mass was not observed. The chosen
parameter regime of 0.9-1.3 m-s® was too narrow to see an influence on the bed mass,
product mass flow rate, product particle size, or growth rate. But outside of the chosen
parameter regime the experiments were not feasible. The according average growth rates were
calculated with the average particle size of the product in the determined intervals (Tab. 6-3,
p. 119). All growth rates were similar, except for the reference experiment. There, only one
break was necessary, and the whole process was continuously steady. Thus, a high product
mass flow rate, and consequently a low residence time were realized, increasing the average
growth rate. Additionally, the average product particle size was considerably large for the low
residence time, due to the missing particle breakage during process breaks, also enhancing the
growth rate.

Ref Ext-A bed Ref Ext-A product

)

Process
time [h]

1.5 1.5

" Particle size [mm]

1

time [h
00 0.5 Particle size [mm] [h]

Fig. 6-6. Particle size distribution densities qsz for Ref Ext-Agg: Bed (left) and product
(right).

6.4.2 External separation

For the continuous SFBA experiments with external separation, the temporal evolution of gs
is shown for the reference experiment Ref _Ext-A (Fig. 6-6). The PSD density of the bed was
very similar to the PSD densities of the experiments with internal separation, as process
parameters like spray mass flow rate, fluidizing gas inlet temperature and fluidizing gas mass
flow rate were similar. After 5 min the narrow starting PSD density broadened, as expected
for an agglomeration process. But the PSD density of the product was narrower than for
internal separation, as it was limited by the mesh widths of the screens (0.5 and 1 mm). It
showed a clear peak around 0.5 mm. Particles smaller than 0.5 mm were formed by breakage
during the discharge from the sieve, or were entrained by the larger product particles due to
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6 Continuous spray fluidized bed agglomeration

swarm hindering effects or were sticking to the large particles. The PSD density also showed
particles larger than 1 mm. Particles with, for example, a width of 1 mm and a length of 2—
3 mm might still fit through the sieve. But the projections of the large and long particles,
which were measured by Camsizer (Section 3.1.2, p. 32), consequently were subsequently
assigned to area-equivalent circle diameters larger than 1 mm. Thus, particle sizes larger than
1 mm are visible in the PSD of the product. As the 3-D diagrams of gs; were very similar for
all experiments, they are only shown for bed and product particles of experiment Ref Ext-A.
The remaining diagrams are shifted to the appendix (Fig. C-3, p. 143, Fig. C-4, p. 144).
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Fig. 6-7. Average particle diameter d; 3 for all continuous SFBA experiments with external
separation. Legend valid for all five plots, ss — steady state.
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Fig. 6-8. Calculated bed (solid line) and product masses (dashed line) for continuous SFBA
with external separation.

Again, the graphs of the average particle diameter d; 3 of the bed particles (Fig. 6-7) were
used for steady state determination (Section 3.1.3, p. 33). The steady state values are listed in
Tab. 6-3 (p. 119). All experiments reached a steady state after 0.5-0.8 h. Steps in the graphs
were attributed to process breaks, which were necessary to clean the nozzle and discharge
tube from sticking lumps of maltodextrin. Usually, the steady state was then reached again
before a possible next break. The product particle size was limited by the used screens, but
generally the product particles were larger than the bed particles. Exceptions occurred at the
start or restart of the experiments, when the product mass flow rate had not yet reached the
steady state value. In these cases, particles might have had longer time for agglomeration,
resulting in large particle sizes in the fluidized bed.
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6 Continuous spray fluidized bed agglomeration

The comparison of the experiments with varied nuclei mass flow rate yielded the expected
results (Tab. 6-3). A low nulcei mass flow rate in experiment N1_Ext-A resulted in a low
steady state product mass flow rate. As particle growth (d13prodss - d1,30) and bed mass were
similar to the values in Ref_Ext-A, the average growth rate during steady state was lower than
for high nuclei mass flow rates. Contrary, for an increased nuclei mass flow rate in N2_Ext-A
a higher product mass flow rate resulted. For a similar bed mass and larger particle growth,
also a larger average growth rate resulted. The graphs of the bed mass were steady for all
three experiments (Fig. 6-8).

For the experiments with a varied mill power level, similar nuclei mass flow rates were set,
resulting in similar product mass flow rates during steady state. For a low power level in
experiment M1_Ext-A, a smaller amount of oversized particles was crushed by the mill than
in Ref Ext-A and M2_Ext-A, resulting in an overall increased product particle size.
Additionally, the steady state bed mass in experiment M1_Ext-A was similar to the bed mass
of Ref_Ext-A and smaller than in M2_Ext-A, resulting in an increased average net growth
rate of the particles. However, increasing the mill power level enhanced the comminution of
oversized particles, and, thus, a larger amount of small particles was present in the fluidized
bed. This resulted in a larger bed mass and higher residence time, ultimately causing a lower
net growth rate. The steep rises in the bed masses towards the end for experiments M1_Ext-A
and M2_Ext-A (Fig. 6-8) were attributed to problems with the discharge due to clogging of
the discharge tube, leading to the termination of the processes.

Comparing internal and external classifying experiments, higher average agglomerate growth
rates were reached for internal separation. Higher nuclei mass flow rates and thus higher
product mass flow rates, as well as missing size reduction by a mill, reduced the average
residence time of the agglomerates compared to the experiments with external separation,
resulting in larger average growth rates.
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6 Continuous spray fluidized bed agglomeration

6.5 Results and discussion regarding product quality

The concept of fractal dimension was used for structural description of the produced
agglomerates (Section 3.5, p. 45). Images taken by a light microscope were evaluated with a
MatLab algorithm, and the fractal dimension of each agglomerate was calculated. Ten
agglomerates were evaluated per sample to calculate an average fractal dimension.
Furthermore, the mass fraction of water was measured for ca. 10 bed and 10 product samples
from each experiment, allowing for the calculation of an average mass fraction of water of the
particles in the fluidized bed and in the product (Section 3.2, p. 37).

6.5.1 Internal separation

To get an impression of the structure of the agglomerates formed by binder-less continuous
SFBA with internal separation, an image of one particle from each experiment with a Dy
close to the Dsq of the whole sample is shown in Fig. 6-9 for representation. The two
dimensional images show relatively porous agglomerates. This corresponds to the value of Dy
around 1.85-1.86 (Tab. 6-4). For long chained, very open diesel soot agglomerates, Samson
et al. (1987) reported Dy values of 1.7-1.8, calculated also from 2-D projections. Thus, the
measured values of Dy = 1.85-1.86 for the denser maltodextrin agglomerates seem reasonable.
A study presenting Ds values measured by 3-D p-CT images has been published by
Pashminehazar et al. (2016). But due to the 3-D method, the values for Ds range up to three,
not allowing for a direct comparison with values obtained from a 2-D method. However, the
conclusions regarding the structure of maltodextrin agglomerates were similar. Thus, the
structure of the agglomerates was described well by the concept of fractal dimension, even in
2-D. But the agglomerates produced during the continuous SFBA experiments with internal
separation have a very similar structure. Changing the nuclei mass flow rate and the
classifying air velocity did not alter the product structure in the parameter regime
investigated. As the focus of this work was process behavior, and a working set of drying
conditions was difficult to determine in the first place, only the process dynamics parameters
nuclei mass flow rate and classifying air velocity were varied. Structural change might have
occurred for a change in drying conditions, as observed by Dadkhah and Tsotsas (2014) for
agglomerates made of glass beads and hydroxypropyl methyl cellulose. They reported denser
agglomerates, and, thus, larger values of Dy, for small agglomeration rates, and vice versa. But
due to the 3-D method and different material systems used, the values presented by Dadkhah
and Tsotsas (2014) and the values presented in this dissertation are not comparable.
Consequently, future studies focusing on continuous SFBA should also use a 3-D method to
determine the agglomerate fractal dimension, to ensure comparability with Dadkhah and
Tsotsas (2014) and Pashminehazar et al. (2016).

The mass fraction of water of the product agglomerates was higher than at the beginning of
the experiments (Tab. 6-4). As the drying conditions were kept constant, the mass fractions of
water for all experiments were similar. The additional water was stored in the amorphous
matrix of the maltodextrin.
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6.5 Results and discussion regarding product quality

Ref_Int-A, D1 = 1.859 (Dyay1 = 1.857) N1_Int-A, D, = 1.846 (Dt a2 = 1.857)

N2_Int-A, Di = 1.853 (Dsav3 = 1.854) C1_Int-A, Dt = 1.844 (Djay4 = 1.855)

C2_Int-A, Dss = 1.850 (D avs = 1.854)

Fig. 6-9. Light microscope images and calculated fractal dimension Dy for particles from
product samples of continuous SFBA with internal separation.
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6 Continuous spray fluidized bed agglomeration

Tab. 6-4. Overview of key process parameters and measured structure and moisture values
for continuous SFBA with internal and external separation.

Exp Parameters Measurement
Moye Uclass  Pmill Drav Xw,0 Xwbedav Xw,prod,av

[kgh™] [ms™]  [%] [%] %]  [%] (%]
Ref_Int-A 6.4 1.2 - 1.857+0.023 5.3 6.8 7.0
N1 _Int-A 3.6 0.9 - 1.857+0.033 5.6 6.9 7.1
N2_Int-A 8.7 1.2 - 1.854 +0.018 5.8 7.0 6.7
C1l_Int-A 6.7 1.0 - 1.855+0.025 6.7 5.5 7.6
C2_Int-A 6.0 1.3 - 1.854 +0.019 4.9 6.4 6.1
Ref _Ext-A 3.4 - 60 |1.846+0.018 54 7.3 7.6
N1_Ext-A 2.5 - 60 |1.862+0.017 5.9 7.5 7.8
N2_Ext-A 4.0 - 60 |1.855+0.021 55 7.1 7.5
M1 _Ext-A 3.2 - 40 |1.842+0.031 5.3 7.2 1.7
M2_Ext-A 3.5 - 80 |1.849+0.040 5.2 6.7 7.3

6.5.2 External separation

All findings reported in the previous section also apply for continuous SFBA with external
separation. The values for Ds lay within a similar region of 1.84-1.86 (Tab.6-4). The
structure of the agglomerates formed in the experiments with external separation was
similarly open and porous as the structure of the agglomerates from the experiments with
internal separation, as shown in Fig. 6-10. The slightly larger span of the D values might be
attributed to the additional comminution step, partly destroying the already formed structures
of the agglomerates in the fluidized bed. The proposed method was again able to represent the
particle structure properly.

The mass fraction of water for the agglomerates from the external classifying experiments
was again similar for all experiments, as the drying conditions remained similar (Tab. 6-4).
But the mass fractions of water were overall larger than for the internal classifying
experiments, due to the larger residence times of the agglomerates. A larger residence time
meant longer exposition to the sprayed water, so that a higher mass fraction of water resulted
in the product particles. Additionally, the mass fraction of water of product particles from the
experiments with internal separation was slightly lower, due to additional drying effects in the
classifying tube. The volume flow rate and, thus, the velocity of the classifying air were larger
for the internal classifying experiments. For internal separation, volume flow rates of 123-
156 L-min™ were used. For the experiments with external separation, the volume flow rate of
the discharge air was controlled in the range of 83—-109 L-min™,
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6.5 Results and discussion regarding product quality

Ref Ext-A, Dig = 1.859 (Dfavs = 1.846)  N1_Ext-A, Di7 = 1.857 (Dtav7 = 1.862)

N2_Ext-A, Dyg = 1.856 (Djavs = 1.855) M1_Ext-A, Dig = 1.851 (Djave = 1.842)

MZ_EXt-A, Df,lO =1.855 (Df,av,lO = 1849)

Fig. 6-10. Light microscope images and calculated fractal dimension D; for particles from
product samples of continuous SFBA with external separation.
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6 Continuous spray fluidized bed agglomeration

6.6 Conclusions

All conducted continuous SFBA experiments reached the steady state after 15-55 min.
Oscillations in the particle size distribution, as those presented for continuous SFBLG, were
not observed for the investigated parameter regime. Oscillation-like steps in the graphs of
average particle size or bed mass were induced by breaks, necessary to clean the nozzle,
discharge tube or sieve and mill from sticky maltodextrin. But the steady state, that was
reached before a break, was usually reached again after restart of each experiment.

The varied parameters mainly had an influence on the average growth rate of the
agglomerates. For internal separation, relatively high growth rates of > 10 pm'min™ were
reached. Reasons for the high growth rates were the missing size reduction by comminution,
lower residence time due to missing feedback of fines, and the high product mass flow rates
due to the high nuclei mass flow rates, leading to smaller residence times, compared to the
experiments with external separation. For internal separation, changing nuclei mass flow rates
resulted in similar growth rates. The influence of the classifying air velocity was small in the
investigated parameter regime, but outside of this regime, the process was not feasible.

In the experiments with external separation, considerably smaller average growth rates of 2.3
5.4 um-min™ were measured, compared to the experiments with internal separation. This was
attributed to size reduction by comminution, feedback of fines and smaller product mass flow
rates, induced by smaller nuclei mass flow rates. A clear advantage of external separation was
the relatively constant average product particle size, determined by the sieves. Realizing
constant product particle diameters, the influence of the process parameters on the average
growth rate was clearly visible. A low nuclei mass flow rate resulted in a large residence time
and a small average agglomerate growth rate. A high nuclei mass flow rate led to a lower
average residence time and consequently to a larger average growth rate.

The mass fraction of water of the product agglomerates was similar for each type of
separation, as the drying conditions were not altered during the experimental series. The mass
fraction of water in the fluidized bed was similar for all experiments (5.5-7.5%). The mass
fraction of water of the product for internal separation (6.1-7.6%) was slightly lower than for
external separation (7.3—7.8%). The higher volume flow rate of classifying air, resulting in
higher air velocities during internal separation experiments had a slight additional drying
effect on the product, compared to the experiments with external separation. The average
volume flow rate of classifying air lay within the range of 123-156 L-min™ for internal
separation, and was controlled in the range of 83-109 L-min™ for external separation. During
the experiments, the mass fraction of water of the product was considerably higher than the
mass fraction of water of the primary particles. This was attributed to the spraying of water,
which was partly integrated into the amorphous matrix of the maltodextrin.

The agglomerate structure visible from the light microscope images was similar for all
experiments. Also the structural description by the fractal dimension yielded similar results
(1.84-1.86). Consequently, the nuclei mass flow rate, classifying air velocity and mill power
level did not influence the agglomerate structure.
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7/  Summary and outlook

Oscillations in the PSD for continuous SFBLG, which were predicted by simulations of
various authors, have been proven by a systematical, experimental investigation (Chapters 4
and 5). The experimental proof of these oscillations is considered to be a main outcome of this
dissertation. The underlying principles during continuous SFBLG regarding particle growth,
overspray generation, seed particle formation, type of product discharge, feedback of
undersize material, and structure formation on the granule surface were explained, discussed,
and their various effects were shown in the different experimental series. A very interesting
result is the fact, that even relatively small changes in process parameters (<15%) could
completely change the process behavior from unstable (insufficient seed particles) to a limit
cycle (self-sustained oscillation) or steady state, and vice versa. Thus, parameter selection for
continuous SFBLG processes regarding particle size and structure also has to take into
account process dynamics. Concluding from the presented experiments, recommendations for
the production of granules via continuous SFBLG with solutions and internal seed particle
production were derived as follows:

e Open, porous and rough granules of crystalline materials are formed for humid process
conditions. Steady state production of porous granules is realized by internal
classifying product discharge. Depending on the separation efficiency of the classifier,
relatively wide product PSD may result.

e Dense and smooth crystalline granules are produced at dry process conditions. Steady
state production of these granules is possible by using an external classifying product
discharge. Additionally, the product PSD is limited by the sieves, used for external
separation, and can be considerably narrower than for internal separation.

Understanding the occurrence of the described oscillations in PSD is helpful to conduct
processes in steady state. In the rare case that oscillations in PSD are wanted, for example to
produce two different particle sizes of the same material in one plant, better understanding of
the oscillation also supports maintaining them. The process behavior of continuous SFBLG
with suspensions cannot be deduced from this dissertation, as overspray and layer formation
are mere drying, and no crystallization processes. Thus, the seed particle production, which is
a key factor for process behavior, works differently. Consequently, further research is
necessary in this area.

For product quality aspects, like particle surface roughness and particle porosity, decreasing
linear correlations in terms of drying potential were developed. For dry processes, particle
porosity and roughness were low, and vice versa. Additionally, porosity and roughness were
linearly proportional to each other. For porous particles, rough particle surfaces were
measured, and vice versa.
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7 Summary and outlook

Additionally, different average granule growth rates were observed for the different product
discharge setups. For the experiments with internal separation, no bed mass control was
applied, leading to large bed masses, and, thus, relatively large average residence times (5.2—
6.4 h). For the investigated parameter regimes, the average granule growth rate during steady
state for internal separation lay within the range of 0.8-1.7 um-min™’. In the experiments with
the external classifying setup, it was attempted to hold the bed mass at a constant lower level,
compared to the experiments with internal separation. Thus, smaller average residence times
(2.4-3.8 h) and larger average granule growth rates (1.9-3.2 pm-min™) resulted.

Concerning continuous SFBA of partly amorphous food powder (Chapter 6), all experiments
reached the steady state, regardless of the chosen parameters. Even after process breaks,
where size reduction took place due to missing spray and additional drying during the cooling
and re-heating periods, the system returned to its steady state after restart. Oscillations in the
PSD were not observed for the investigated parameter regime. Additionally, the nuclei mass
flow rate, classifying air velocity and mill power level did not influence the agglomerate
structure in the investigated parameter region.

Large average agglomerate growth rates (>10 um'min™) were observed for internal
separation with relatively high nuclei mass flow rates, compared to the external classifying
experiments (2.3-5.4 um-min’™*). Main reason for this effect were the different residence times
for internal (0.8-1.2 h) and external (1.9-2.5 h) separation, resulting from the different nuclei
feed mass flow rates. The different trends regarding average growth rates depending on the
type of product separation for SFBLG and SFBA were the result from different seed
particle/nuclei supply concepts. For SFBLG the seed particles were formed internally, and
their amount solely depended on the other process parameters. For SFBA, external supply of
nuclei was necessary. Thus, the nuclei mass flow rate was adjustable and represented an
additional parameter to influence process behavior, apart from the rest of the process
conditions.

Besides the experimental findings, also the methods described in Chapter 3 may find
application in future work:

e A method for obtaining the granule surface roughness was presented, which might be
applied to future granulation studies.

e An alternative method to porosity measurement via u-CT was presented by weighing
single particles and consecutive evaluation of their 2-D SEM images to attain an
approximated particle volume.

e The method and criterion of using the value of the CoV, which were derived for the
determination of an experimental steady state, might be used in future investigations
of continuous particle growth processes.

e A guideline is given, on how to calculate the average growth rate of a process, using
the previously determined steady state values.
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7 Summary and outlook

e The method of determining the 2-D fractal dimension from light microscope images
for comparison of different agglomerate structures may be used in future work, when a
relatively quick investigation of the agglomerate structure is needed. But if longer
measurement times are tolerable, a 3-D method (for example by pu-CT) to determine
the fractal dimension might be more suitable.

Future work in the field of continuous SFBLG processes should include the improvement of
the existing models for the description of particle growth in fluidized beds by considering the
agglomeration of dust to seed particle size, before the new particles take part in the layering
process. Based on the improved models, existing control concepts (Palis and Kienle, 2012;
Buck et al., 2015; Buck et al., 2016¢) can be applied for stabilization of the continuous
SFBLG process. Additionally, further experimental investigations should regard continuous
SFBLG with suspensions, as overspray, drying and seed particle production work differently
for suspensions.

Further work in the field of continuous SFBA is currently being done, for example by Du et
al. (2018) and Strenzke et al. (2018). Both authors further investigate the continuous
agglomeration process with binder in different fluidized bed setups. Their aim also is the
improvement of existing models describing the agglomerate growth, with the ultimate goal of
controlling this process.
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Appendix

A Derivation of the elutriation velocity

A particle is elutriated, if the gas velocity overcomes the stationary sinking velocity. The
latter is calculated from a force balance over a particle, where the gravitational force is in
balance with the forces of flow resistance and buoyancy:
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Solving for Re, yields Eq. 2-5:
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Appendix

B Comparison of characteristic particle diameters
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Fig. B-1. Temporal evolution of an experimental PSD density (qo: top left; gs: top right) and
different average/median diameters for each measured PSD density.
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C Experimental data — Agglomeration

C.1 3D PSD density for SFBA with internal separation
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Fig. C-1. Temporal evolution of qz for the continuous SFBA experiments with internal

separation and varied My (N1_Int-A: 3.6 kg'h™, N2_Int-A: 8.7 kg-h™).
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Fig. C-2. Temporal evolution of gz for the continuous SFBA experiments with internal

separation and varied Uass (C1_Int-A: 1.0 m's™, C2_Int-A: 1.3 m's™).
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C.2 3D PSD density for SFBA with external separation

NI _Ext-A bed N1 _Ext-A product

1.5

Process : i 2 Process 5 1
time [h
[h] 09 03 Particle size [mm]

time [h o
[h] 09 0.5 Particle size [mm)]

N2 Ext-A bed N2 Ext-A product

1.5

Process e " 2 Process o 1
o time [h
L 0 0.5 Particle size [mm]

time [h
[h] 09 08 Particle size [mm]

Fig. C-3. Temporal evolution of g; for the continuous SFBA experiments with external

separation and varied My (N1_Int-A: 2.5 kg'h™, N2_Int-A: 4.0 kgh™).
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